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The focus on green ammonia production has intensified due to its reduced power consumption, independence
from fossil fuels, and elimination of carbon dioxide (CO2) emissions. Unlike conventional Haber-Bosch processes,
which rely on hydrogen produced by fossil fuels and chillers to separate ammonia from unreacted gases and are
constrained by equilibrium limitations, green ammonia production methods utilize hydrogen generated by water
electrolysis. They typically employ metal halide materials for ammonia separation, enabling them to surpass
equilibrium constraints. This study proposes a novel configuration for synthesis of green ammonia at elevated
temperatures and facilitating its absorption at lower temperatures. Furthermore, it presents a comprehensive
model of an alkaline electrolyser to supply the required hydrogen for green ammonia production. Additionally,
this study proposes a novel method for cooling the electrolyte, leading to a 13.27% enhancement in the elec-
trolysers system efficiency. Moreover, the analysis indicates that the proposed green ammonia production
approach could reduce the power consumption by 46.2% compared to the green Haber-Bosch process. The
economic analysis indicates that the proposed cooling method can reduce ammonia production costs by up to

19%, based on the electricity prices in 2023.

1. Introduction

Ammonia is widely regarded as a highly significant chemical product
with numerous applications [1-3]. Notably, it can be utilized as an
efficient and cost-effective refrigerant that poses no harm to the envi-
ronment. Moreover, it has the capability to entirely substitute chloro-
fluorocarbons (CFCs) and hydrochlorofluorocarbons (HCFCs) in
refrigeration systems [4]. Moreover, ammonia finds extensive applica-
tion in the pharmaceutical industry for the production of active phar-
maceutical ingredients (APIs) [5]. Ammonia also serves as a
fundamental raw material to produce a wide range of nitrogen-based
fertilizers [6]. In this context, it is important to emphasize that a sig-
nificant portion, ranging from 75 to 90 % of the ammonia produced
worldwide is dedicated to fertilizer production. Moreover, approxi-
mately 50 % of the global food production industries rely on fertilizers
derived from ammonia [7]. Ammonia has also been recognized as a
promising carbon-free fuel with high hydrogen density, particularly for
maritime applications [8]. Indeed, it is worth noting that ammonia not
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only proves to be more cost-effective and possesses a higher energy
density than hydrogen but also benefits from an already established
infrastructure for production and distribution [9]. However, despite all
the advantages of using ammonia as fuel, there are several challenges
when using ammonia in combustion engines for power generation. In
other words, when utilizing pure ammonia in combustion engines,
achieving a high compression ratio and elevated boost pressure is crucial
to overcome the slow flame speed and ensure effective combustion of
ammonia [10]. The utilization of ammonia as a marine fuel offers spe-
cific advantages, particularly due to the possibility of installing com-
plementary after treatment systems to mitigate the nitrogen oxides
derivatives (NOy) emissions and enhance ammonia combustion effi-
ciency. Using ammonia as dual fuel for ships has demonstrated a
reduction of greenhouse gas emissions by 34.5 % per ton-km [11].
Nitrogen (N3) and hydrogen (Hy) serve as reactants in the production
of ammonia. The necessary hydrogen can be produced from fossil fuels,
with the most widely used method being steam methane reforming
(SMR). In addition to hydrogen production from fossil fuels, alternative
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methods such as microbial hydrogen production, biomass-based
hydrogen production, water electrolysis and thermolysis, as well as
thermochemical cycles, can also be employed [12]. Utilizing SMR for
hydrogen production not only depletes fossil fuel reservoirs but also
emits substantial amounts of CO,. In other words, producing 1 kg of
hydrogen using SMR results in emitting 8.9 kg of CO» [13]. Hence, water
electrolysis is gaining more popularity for large-scale hydrogen pro-
duction. Alkaline electrolysis (AEL), proton-exchange membrane
(PEMEL), and solid oxide electrolysis (SOEL) are the most popular
technologies for water electrolysis. Vida et al. [14] compared the per-
formance of AEL, SOEL, and PEMEL. Their analysis revealed that AEL
exhibits the longest lifetime, reaching up to 120,000 h, coupled with the
lowest degradation rate ranging from 0.25 % to 1.5 % per year. Addi-
tionally, AEL boasts the lowest capital cost, falling within the range of
€740 to €1,390 per kilowatt-hour (kWh). Additionally, their research
demonstrated that the efficiency of AEL varies in the range of 51-60 %,
surpassing that of PEMEL but falling short of SOEL. Li et al. [15] showed
that when coupled with wind turbines and operating during off-grid
hours, a 4 kW AEL stack can generate 1.374 million tons of hydrogen
annually. Firdous et al. [16] conducted a comprehensive evaluation of
power-to-hydrogen systems, particularly in their integration with
hydrogen-consuming industries, utilizing renewable-rich power systems
to operate hydrogen electrolysers. They developed an accurate PEMEL
model, considering fluctuating current, nonlinear efficiency, system
loading, and energy demands within extensive renewable energy sce-
narios. The study demonstrates that the model precisely estimates total
operational costs, leading to improved economic outcomes and opti-
mized utilization of renewable energy sources. Wang et al. [17] also
assessed a 5 kW hybrid system consisting of a SOEL and a solar steam
generator. The study revealed that the efficiency of hydrogen production
in the hybrid system can attain 95.2 % under conditions where solar
irradiation power reaches 2.26 kW and the SOEL operates at 700 °C.
Mazza et al. [18] carried out a feasibility study on green hydrogen
production using electrolysers at three locations in Tunisia. They inte-
grated local weather data and the technical characteristics of the
employed technologies into their models. The study revealed that the
levelized cost of hydrogen production varies from1.34 $/kg;, and 4.06
$/kgy, depending on the location, the renewable energy sources used,
and the type of electrolysers. Sanchez et al. [19] introduced a semi-
empirical model for assessing the operational characteristics of a 15
kW AEL. They validated their model using experimental data, revealing
that the average prediction error for cell voltage remains below 5.67
mV. Additionally, this model reliably predicts Faraday efficiency and the
diffusion of hydrogen to oxygen (HTO) with errors below 1 %.
Currently, the Haber-Bosch process stands as the most prevalent
method for ammonia production, satisfying over 96 % of the global
demand [20]. However, this approach heavily relies on fossil fuels for
hydrogen production. It operates at elevated pressures ranging from 100
to 250 bar, with 15-20 % ammonia conversion [21]. Consequently, it
becomes imperative to condense the produced ammonia, separate it
from the reactants, and recycle the unreacted gases back into the
reactor. This method demands significant energy input, not only for the
ammonia condensation process, which requires temperatures as low as
—20 °C to achieve a purity of 99.6 % [22], but also for compressing the
reactants to such high pressures. Additionally, the utilization of fossil
fuels for hydrogen generation, coupled with the substantial energy de-
mands of ammonia production via the Haber-Bosch process, contributes
significantly to elevated CO, emissions. To address this issue, Cameli
et al. [23] proposed green ammonia production via the Haber-Bosch
process. In this scenario, instead of hydrogen production through
SMR, PEMELs were utilized to supply the necessary hydrogen, while the
required nitrogen was obtained from a cryogenic air separation unit
(CASU). This study indicates that substituting the traditional Haber-
Bosch process with the presented green Haber-Bosch process, employ-
ing this electrified method, can reduce CO; emissions from 1.6
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kgco,/kgnu, t0 0.33 kgco,/kgny,- Nowicki et al. [24] also assessed green
ammonia production via the Haber-Bosch process. In their study, SOEL
were employed for hydrogen production, while the necessary nitrogen
was extracted from air utilizing a series of solid electrolyte oxygen
pumps. The study indicated that the specific energy requirement for
ammonia production using this method is 9.94 kWh/kgyy;, . Lin et al.
[25] also assessed the process of green ammonia production using SOEL,
CASU, and the Haber-Bosch process. In their study, they utilized SOEL
powered by solar energy for hydrogen production. They employed a
novel parabolic dish equipped with wavelength-selective filter-coated
photovoltaics to convert solar energy into heat and electricity, enabling
the operation of the SOEL.

The utilization of sorbent material for ammonia absorption and
separation has been studied by Palys et al. [26]. In their study, they used
MgCly as the sorbent material and developed kinetics for ammonia ab-
sorption and desorption. They indicated that the partial pressure of
ammonia has a significant impact on the rate of ammonia absorption
and desorption. The utilization of MgCl, for ammonia absorption and
separation, which is crucial for exceeding the equilibrium limitation,
was also studied by Onuoha et al. [27]. In their study, they highlighted
that the regeneration temperature and partial pressure of ammonia,
largely influenced by the sweep flow and desorption pressure, are the
two driving forces for the regeneration of sorbent material. They
demonstrated that the sorbent material can be regenerated at 200 °C
using an exceedingly low sweep flow, resulting in ammonia release with
72 mol% purity. Smith et al. [28] also evaluated surpassing the single-
pass equilibrium in ammonia production using a 5 %Ru/10 %Cs/
CeO2 catalyst. In this study, they indicated that exceeding the equilib-
rium limit was achievable through the use of multiple catalyst and ab-
sorption layers. They demonstrated that employing a single catalyst
layer operating at 363 °C resulted in a fractional conversion of 14.4 %.
However, by employing three catalyst layers and two absorption layers
between them, the fractional conversion increased to 24.9 %, surpassing
the equilibrium limit of 21 %.

Therefore, this study proposes a more energy-efficient method for
ammonia production in the context of green ammonia production.
Instead of relying on hydrogen production using fossil fuels, which en-
tails high CO, emissions, a modular system of AEL, powered by
renewable energy sources, is employed. To enhance the energy effi-
ciency of the AEL, a novel method for cooling the electrolyte is proposed,
capable of significantly reducing energy consumption and improving the
system efficiency. The proposed green ammonia production method is
not limited by equilibrium constraints due to ammonia absorption and
separation, enabling the conversion of over 90 % of fed hydrogen into
ammonia in a single pass. Consequently, this method operates at lower
pressure and eliminates the need for a chiller for ammonia condensation
and separation, further enhancing energy efficiency. Additionally, this
study proposes a novel configuration for green ammonia production,
allowing for ammonia generation at elevated temperatures while
absorbing ammonia at lower temperatures to optimize catalyst and
sorbent material performance. Additionally, this study considered the
green Haber-Bosch process as a benchmark for green ammonia pro-
duction and compared the performance of the proposed method with it,
utilizing the same catalyst. This comparison aimed to emphasize the
energy efficiency of the suggested configuration. This study performed
an economic analysis on the proposed green ammonia production sys-
tem to evaluate the cost of ammonia production. Models for evaluating
the process are developed using Aspen Plus and MATLAB. In this case,
the AEL is modelled in Aspen Plus. This study evaluated the transient
behavior of sorbent materials during ammonia absorption and desorp-
tion by developing 1D models in MATLAB. Subsequently, the integration
of sorbent material with catalyst for the ammonia production process
was investigated in Aspen Plus.
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2. Methodology

In this section, the process for green ammonia production is detailed,
focusing on modeling the modular system of AEL in Aspen Plus, which
provides the necessary hydrogen for green ammonia production. Addi-
tionally, this section explores the kinetic models utilized in Aspen Plus
and MATLAB for the generation of green ammonia.

2.1. Process description

This section outlines the process flow diagram modeled in Aspen Plus

and MATLAB for decentralized green ammonia production with a ca-
tony,
year

pacity of 66 . As depicted in Fig. 1, an electrolyte containing a so-
lution of 35 wt% potassium hydroxide (KOH) enters the module of an
alkaline electrolyser comprising 20 stacks (state 1). Consequently,
deionized water undergoes decomposition into hydrogen and oxygen,
leading to an increase in the electrolyte’s temperature. As a result, the
produced hydrogen and oxygen, dissolved in the electrolyte, exit the
module. The oxygen stream (state 5), containing electrolyte and trace
amounts of hydrogen due to cross-over, is directed to a flash tank to
separate its electrolyte content. Subsequently, the oxygen stream exits
the flash tank from the top (state 9), while the separated electrolyte
stream, combined with makeup water, exits from the bottom (state 6).
Fig. 1 also illustrates the separation of electrolyte (state 3) from
hydrogen (state 23) in a flash tank, followed by electrolyte pressuriza-
tion via a pump (state 4) and mixing with pressurized electrolyte sepa-
rated from the oxygen stream (state 7). Notably, due to power losses in
the electrolyser module, the electrolyte heats up as water decomposes,
necessitating the cooling of the electrolyte before entering the stack.
Traditionally, an air-cooling system achieves this by cooling water,
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subsequently cooling the electrolyte. However, this study proposes an
efficient cooling method, substantially reducing parasitic power con-
sumption. Here, pressurized air (state 16) comes into direct contact with
water (state 22), lowering its temperature (state 18) and thus cooling the
electrolyte (state 1). This direct cooling approach offers significant ad-
vantages, not only removing the minimum temperature approach limi-
tation in the heat exchangers, but also cooling the water through
evaporation. Consequently, a substantially lower mass flow rate of
pressurized air is required, resulting in significantly reduced power
consumption in the blower.

The generated hydrogen (state 23) is initially water-cooled, and its
water content (state 25) is subsequently separated using a flash tank
(state 26). Following this, it undergoes complete drying via a desiccant
dryer (state 27) and is pressurized using a compressor (state 28) to 55
bars to meet the operating conditions for ammonia synthesis. As shown
in Fig. 1, this study considered a CASU for supplying the required ni-
trogen for ammonia synthesis. This study does not focus on optimizing
the CASU and the because of that it considers a simple two-column CASU
which can generate nitrogen with high purities exceeding 99.99 %.
According to [29] the oxygen content of the reactants should be main-
tained below 10 PPM to avoid poisoning of the catalyst. Hence, the
designed CASU generates a nitrogen stream which contains less than 9
PPM oxygen to assure that the reactants do not affect the catalyst
adversely. As shown in Fig. 1, the inlet stream to the CASU is dried air
without any pollution with composition of 20.95 mol% oxygen, 78.1
mol% nitrogen, and 0.95 mol% argon. As can be seen, a compressor
elevates the air pressure to 6.5 bar (state 31). Following this, the pres-
surized air stream is split into two separate streams. The temperature of
the primary stream is lowered to —166 °C (state 39) as it enters a multi-
stream heat exchanger and exchanges heat with the cold products
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Fig. 1. Simplified process flow diagram of hydrogen and nitrogen production (F: Flash, CT: Cooling tower, HPC: High pressure column, LPC: Low pressure column, C:
Compressor, Reb: Reboiler, Cond: Condenser, EV: Expansion valve, MSHX: Multi-stream heat exchanger, CW: Cooling water, HX: Heat exchanger, P: Pump, Mix:

Mixer, Div: Divider).
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exiting the CASU. Subsequently, it is directed to the high-pressure col-
umn (HPC) operating at 5 bars. The secondary stream undergoes further
pressurization by the second compressor prior to its entry into the multi-
stream heat exchanger. Upon cooling to —166 °C (state 37), this stream
transitions into a liquid phase by exchanging heat with the cold streams.
Subsequently, it undergoes expansion through an expansion valve,
resulting in a temperature reduction to —191 °C (state 38), before being
directed into the low-pressure column (LPC). Fig. 1 highlights the heat
integration between the HPC and LPC. In this integration, the HPC
condenser which condenses the rich nitrogen stream (state 43), supplies
the required heat for the LPC reboiler. A portion of the rich nitrogen
stream, having transitioned into the liquid phase (state 46), is recycled
back to the HPC, whereas the remaining stream (state 44) undergoes
expansion (state 45) before entering the LPC. The rich oxygen stream
(state 40), exiting the bottom of the HPC in liquid form, undergoes
expansion to 1.3 bar (state 41) before being directed to the LPC. The LPC
produces nitrogen of exceedingly high purity (state 55) in its gaseous
phase, which leaves the column from the top and is then directed to the
multi-stream heat exchanger to be brought to ambient temperature by
cooling the hot streams. The oxygen stream, with a relatively high purity
exceeding 99.85 mol%, exits the flash tank from the bottom in liquid
phase (state 52) and is then directed to the multi-stream heat exchanger.
As depicted in Fig. 1, alongside the oxygen and nitrogen streams, a waste
stream (state 50) exits the LPC, joining the multi-stream heat exchanger
alongside these product streams. Consequently, the waste stream, ni-
trogen stream, and oxygen stream undergo heating in the multi-stream
heat exchanger by exchanging heat with the incoming air streams.
The produced oxygen stream is pressurized to 30 bars for storage in the
vessel, while the nitrogen stream is compressed to 55 bars to meet the
pressure requirements for ammonia production.

As shown in Fig. 2, the catalyst beds utilized in the ammonia pro-
duction process operate in adiabatic mode, employing a 5 %Ru/10 %Cs/
CeOy, catalyst, with a gas hourly space velocity (GHSV) set at 20,000 h!
for the first catalyst bed. It is important to note that ammonia synthesis is
an exothermic reaction constrained by equilibrium. Consequently, a
portion of the reactants is converted to ammonia, leading to an increase
in the temperature of the gas mixture at the outlet of the reactor (state
33). To overcome the equilibrium limitations and achieve the conver-
sion of more than 90 % of the fed hydrogen into ammonia in a single
pass, the synthesized ammonia in the outlet stream of the catalyst bed is
separated using sorption beds containing MgCly. As a result of ammonia
absorption, the concentration of generated ammonia in the gas mixture

59
BS,

Mix

N
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is substantially reduced, which is a key factor in achieving the conver-
sion of more than 90 % of the fed hydrogen into ammonia in a single
pass. However, the sorption beds struggle at high temperatures, neces-
sitating the cooling of the gas mixture leaving the catalyst bed. In this
setup, mineral oil (state 71) is used to cool down the outlet stream from
the catalyst bed (state 61). The cooled gas mixture (state 62) then enters
the sorption bed for absorption and removal of the ammonia content in
the gas mixture. Three sorption beds are employed to absorb ammonia
generated in each catalyst bed. In this arrangement, one bed absorbs
ammonia while another bed is regenerated by receiving heat from the
third sorption bed, which is being cooled. After separation of ammonia
absorbed in the sorption bed, the gas mixture, primarily composed of
nitrogen and hydrogen (state 63), is heated (state 64) by cooling the hot
mineral oil (state 72) before entering the second reactor. It is worth
noting that the mass flow rate of the gas after each sorption layer de-
creases due to the absorption and separation of the synthesized
ammonia. Consequently, the mass flow rate of the mineral oil, which
heats and cools the gas mixture, should also decrease. Thus, a portion of
the mineral oil stream (state 79) is separated from the mainstream (state
75) before cooling down the gas mixture at the outlet of the reactor.
Although 15 catalyst layers, each integrated with three sorption beds,
are required to convert more than 90 % of the fed hydrogen into
ammonia, for simplicity, only two of them are shown in Fig. 2. After
achieving the desired conversion, the unreacted gases, containing traces
of ammonia, are pressurized (state 68) and recycled to mix with the
fresh stream of reactants (state 59) for ammonia synthesis. As mentioned
above, the use of 15 catalyst layers, each integrated with three sorption
beds, allows for exceeding the equilibrium limitations and achieving the
conversion of over 90 % of the fed hydrogen into ammonia in a single
pass. In this configuration, after each ammonia synthesis reactor, the
mole fraction of ammonia is substantially reduced due to ammonia ab-
sorption and separation within the sorption beds. This reduction allows
the gas mixture, now depleted of ammonia and enriched with high
concentrations of reactants, to be effectively converted into ammonia in
the subsequent catalyst layer. However, in this design, the gas mixture
needs to pass through 15 layers of catalyst and sorbent material to
achieve the desired conversion. In other words, the process of ammonia
synthesis and separation through absorption needs to be repeated across
these 15 layers of catalyst and sorbent material, respectively, in order to
convert more than 90 % of fed hydrogen into ammonia.

Table 1 summarizes the primary characteristics of the components
depicted in Fig. 1and 2. As will be discussed later, ammonia productivity
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Fig. 2. Simplified process flow diagram of green ammonia production (Abs: Absorption layer, R: Reactor, O: Open, C: Closed).
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Table 1
The main characteristics of the green ammonia production process shown by
Figs. 1 and 2.

Number of stacks with the modular system 20
Number of stack cells 12
Nominal hydrogen production capacity (kmol/hr) 0.76
Minimum temperature approach in the heat exchangers (°C) 2
Pressure drops in the heat exchangers (bar) 0.3
Isentropic efficiency of the blower and compressors 0.7
The length of the catalyst bed (m) 0.4954
Diameter of the catalyst bed (m) 0.06
Diameter of sorbent container (m) 0.16

decreases when proceeding from the first catalyst bed to the last one.
Consequently, the necessary mass of sorption material will vary for 1 h
of operation, decreasing from the first to the last catalyst bed. Therefore,
the dimensions of the sorbent material are not provided in Table 1, as
they vary for different catalyst layers depending on the ammonia pro-
duction rate.

2.2. Model description

This section outlines the models utilized in Aspen Plus and MATLAB
to simulate the production of green ammonia using the configuration
illustrated in Figs. 1 and 2. Initially, the discussion delves into the green
hydrogen production via the AEL system in detail, followed by an
elaboration on the ammonia production method, encompassing catalyst
and sorption beds.

2.2.1. Alkaline electrolyser

In this study, the operation of an AEL is modelled using Aspen Plus. A
modular configuration was used for the stacks, so the water-splitting
reaction takes place in 20 stacks with a nominal hydrogen production
capacity of 0.79 kmol/hr. In modeling stacks, the framework proposed
by Sanchez et al. [19,30] served as a reference and the proposed semi-
empirical equations were employed in Aspen Plus to model the stacks.
Thus, the RSTOIC reactor available in Aspen Plus was utilized,
employing the ELECNRTL model to simulate the electrolyte within the
Aspen Plus environment.

Each stack of the electrolysis system is powered by electricity.
Electrical and thermal energy are employed to facilitate the electro-
chemical splitting of water into gaseous hydrogen and oxygen as fol-
lows:

H,0() Ha(g) + 205(8) W
The total energy demand for electrolysis equals the difference in
enthalpy between the products and the reactants, supplied partially as
thermal energy and partially as electrical energy. These two terms’
magnitudes depend heavily on temperature. Notably, the minimum
electrical demand decreases with rising temperature, while the heat
demand increases [31]. The theoretical minimum cell voltage during
electrolysis, indicated by the reversible cell voltage U,y (V), exhibits a
direct correlation with the change in Gibbs free energy AG (J) [31], and
can be expressed as:

Upy — %f @
where F is the Faraday constant (As/mol) and z is the number of elec-
trons transferred in the reaction (z = 2). Nevertheless, the stack opera-
tions are influenced by irreversibilities, known as overvoltages, which
result in cell heating and necessitate external cooling. The cell voltage
(V) can be expressed as the sum of the reversible voltage and the
overvoltages:

Ucell = Urev + Uohm + Uact + Uconc (3)
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where Uy, is the ohmic overvoltage and is associated with the electrical
resistance of the stack components. It varies linearly with the current
density according to Ohm’s law. Uy, is the activation overvoltage and it
is linked to exceeding the activation energy required for the hydrogen
and oxygen formation reaction [19]. Ugn represents limitations in mass
transport, typically occurring at high currents. However, it can be dis-
regarded at the typical current densities found in industrial alkaline
electrolysers [32].

A valid parametric expression to express the cell voltage as a function
of the temperature, pressure and current of the stack is given using the
following equation [30]:

. t: t3 ).
Ucett = Urey + [11 +d1 + 12T + doPJi +s.log] <t1 + ?2 + %)l +1] 4)

where rj and d; (j = 1,2) and ti (k = 1,2,3), and s are constants given in
reference [30], while T, P, and i denote the operating stack temperature
(°C), pressure (bar), and current density (A/mz), respectively. Uy, is also
the reversible voltage used in equation (4) can be expressed with the
Nerst equation as follows [32]:

RT. (P— PV‘KOH)LS)

Urev = Uge,, +Eln( (5)

Q20 KOH

where UY,, is the standard equilibrium potential, R is the gas constant (J
K! mol™), P, xon is the pressure vapor of the solution (bar), and
amo kon is the water activity (%) of the KOH solute.

Generally, alkaline electrolysers are suitable for stationary applica-
tions, as opposed to polymer membrane electrolysers, whose flexibility
also makes them suitable for couplings with variable energy sources
[31]. At low current densities, alkaline electrolysers can be adversely
affected by the gas cross-over phenomenon [33] due to the absence of a
membrane. For this reason, part-load operations are a critical aspect of
alkaline electrolysers. Due to safety considerations, they typically have
the capability to operate within a range of 20-100 % of the rated power
[34].

In this context, the need for a gas purity model can be deduced,
which can generally be expressed through two parameters: the diffusion
of hydrogen to oxygen (HTO) and the diffusion of oxygen to hydrogen
(OTH). Of the two parameters, only the first has been modeled as it is the
most critical, and it can be calculated according to [30] as:

HTO(%) = Cy + CoT + C3T* + (C4 + CsT
C7 + CgT + CoT?
i
E; + EgP + E9P2>
i

+C6T2)exp( )JrE1 + EoP + EsP* + (E4

+ EsP + EsP*)exp (
(6)

where C; (i = 1:9) and E; (i = 1:9) are constants given in reference [30].
According to equation (6), the HTO exhibits a strong dependence on
temperature. This study did not account for the diffusion of oxygen to
hydrogen (OTH) due to its negligible value, which typically fluctuates
within the range of 0.1 % to 0.5 % [30]. On the other hand, HTO not only
impacts the purity of the generated oxygen and the efficiency of the
system, but also may lead to severe safety issues as both product gases
can form explosive mixtures. Consequently, it needs to be maintained
below 4 % to prevent explosions [35].

In an alkaline electrolyser, hydrogen production strongly relies on
the operating current (I), the number of free electrons (z), and the
Faraday constant (F). It can be calculated as a function of the electric
current following Faraday’s law [19]. However, due to the current los-
ses, the actual behavior of an electrolyser deviates from the ideal one, so
the hydrogen production will be lower. This discrepancy between ideal
and actual production depends on the stack temperature and the current
density [36], and this discrepancy between ideal and actual production
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is given by the Faraday efficiency. Hence, the following empirical
expression can be used to calculate this parameter [30]:

i2

:m (fa1 + fooT) @)

Ng

where f; (i =11, 12, 21, 22) is constant given in reference [30]. Once the
Faraday efficiency is calculated, the total hydrogen production rate
(mol/s) within the modular system of the AEL can be determined using
the following equation:

. I
Tp = Np—=Neell stack (8
H2 rIFZ F cell stack 'stack

where Ny stack and ngqcx represent the number of cells of each stack and
the total number of stacks within the modular system of AEL, respec-
tively.

The required power (W) for water electrolysis within the stacks
which make the modular system can be calculated using the following
equation:

P, module = Ucellncell,smcknxmckiAact (9)

where Ag; (m?) represents the cell active area. It is worth noting that
equation (9) only accounts for the power consumption in the stacks and
excludes the power consumption within auxiliary components like
pumps and blowers.

The efficiency of the stacks within the module can be calculated by
dividing the higher heating value of the hydrogen generated by the
electrolyzers by the power consumption of the stacks that comprise the
module, as follows: [31]:

VHZ o HH VH2

(10)
P, module

Mmodute =

However, a real system demands additional energy due to the energy
consumption of auxiliary components such as pumps and blowers. To
take into account the power consumption of the entire electrolyser
system, the system efficiency can be defined as:

= Vi,  HHV an
e P, module + P blower 1 P, pumps

As illustrated by equation (11), the module efficiency significantly in-
fluences the system efficiency, as a more efficient module consumes less
power, leading to higher overall system efficiency. Following the mod-
ule, the blower exhibits the highest power consumption in the AEL
system. Therefore, implementing a more efficient cooling system with
lower power consumption in the blower may substantially enhance the
efficiency of the AEL system.

2.2.2. Ammonia synthesis

Asillustrated in Fig. 2, the production of green ammonia relies on the
utilization of a ruthenium-based catalyst for synthesizing ammonia and
the implementation of sorbent layers for absorption and separation of
the synthesized ammonia from unreacted gases. In this case, the rate of
ammonia generation over the 5 %Ru/10 %Cs/CeO; catalyst can be
described using the following equation [28]:

—62139
RT

—133714

=2. Eakttiiatid
r 9exp( RT

)PN2 —2.31x 109exp< >PNH31‘3PH[2'5

(12)

mol,\nq3
&earMIN?

where r denotes the rate of ammonia production in while Py,, Py,
and Pyp, represents the partial pressure of nitrogen, hydrogen and
ammonia in bar, respectively. In this study, the reactors employed to
produce ammonia over ruthenium-based catalysts were simulated using
plug flow reactor models accessible in Aspen Plus. Accordingly, the

Langmuir-Hinshelwood-Hougen-Watson (LHHW) kinetic formulation
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was utilized to simulate the ammonia synthesis reaction, employing the
rate expression provided by Equation (12) [37].

As mentioned before, this study employs MgCl, for ammonia ab-
sorption and separation, aiming to surpass equilibrium limitations and
convert over 90 % of the fed hydrogen into ammonia. The rate of
ammonia adsorption utilizing MgCl, as the sorbent material is provided
as follows [26]:

ka(Pys, — Peg)
———————"—  if Pnuz > Peg & Qums < Qups
Tabs = K+ (PNH3 - Peq)6 “ N (13)

0 ifPNHS < Peq Oor gnusz = q]’:IlIZ.IJé

where gy is the maximum capacity of the sorbent material which can
be considered 4.2 molyy, / kgMgCIZ’ while k, and K are constants and given
in reference [26], Pyp, is the partial pressure of ammonia in bar and Peq
represents the equilibrium pressure which can be calculated using the
following equation:

AHups (11
P,y = exp( Rb <7_Tf)) 14

where AHg, represents the heat of absorption, with a value of —87,000
J/mol, while T stands for the temperature of the sorption bed, and T,
denotes the reference temperature, set at 648.05 K. According to
Equation (13), the sorbent material can absorb and separate ammonia
from the gas mixture when the partial pressure of ammonia exceeds the
equilibrium pressure, and the sorbent material has not reached its
maximum capacity. Otherwise, the sorbent material will be unable to
absorb ammonia. In this study, a one-dimensional transient model was
developed to generate breakthrough curves and assess pressure drops
within the sorbent beds. In this model, it was assumed that the sorbent
material exhibits 100 % selectivity towards ammonia, with zero ab-
sorption rates for hydrogen and nitrogen. The same assumption was
made in reference [26], since MgCl, is known as an ammonia-selective
absorbent due to its exceptionally high selectivity toward ammonia
[38,39]. It is important to acknowledge that the supported sorbent
material employed for ammonia absorption and separation might
experience mass loss due to the evaporation of molten MgCl, at
exceedingly high temperatures, reaching up to 800 °C, with a maximum
loss of 5 %[40]. Consequently, this study disregards the mass loss of the
sorbent material since it is not subjected to very high temperatures; the
maximum temperature it reaches is 411 °C. This is mostly due to the
separation of the sorbent material and the catalyst into different con-
tainers, ensuring that the sorbent material does not reach the very high
temperatures (up to 600 °C) required for catalyst reduction. The model
can calculate the molar flow rate of ammonia leaving the sorption layers
during the one-hour operational period until the sorbent becomes
saturated, exhibiting the breakpoint. The required mass of sorbent ma-
terial can be calculated using the following equation:
Msorbent = ety X t (15)
C

where riyy, represents the ammonia productivity in each catalyst layer
in mol/hr, while t and C denote the operating time (1 hour of ammonia
absorption) and the capacity of the sorbent material (4.2
molyn, / kgMgC12)1 respectively. In this case, the calculated mass of sorbent
material obtained using Equation (15) was employed in the transient
model. As demonstrated later, the molar flow rate of ammonia at the
outlet of sorption layers changes slightly over time until saturation of the
sorbent material occurs, leading to breakthrough. Thus, disregarding the
negligible variation in NH; molar flow rate, the sorbent beds can be
modeled using a separator block accessible in Aspen Plus.

Once the sorption beds are saturated, they need to be regenerated
through the desorption of ammonia. The desorption rate can be calcu-
lated using the following equation [26]:
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ro. = kdes (Peq - PNHB) lf Pruz < Peq&qNHB >0 (16)
des 0 lfPNH3 > qu Oor qnusz = 0

where kg is a constant which is given in the reference [26]. Ac-
cording to Equation (15), the desorption rate is contingent upon the
partial pressure of ammonia and the equilibrium pressure. Referring to
Equation (14), it is evident that equilibrium pressure increases with
temperature. Therefore, desorption transpires more rapidly at lower
pressures and higher temperatures. In this study, a 1D transient model
was likewise developed to simulate the desorption process in MATLAB.

Degradation of the sorbent materials’ capacity is an important factor
when using these materials for ammonia absorption and separation to
exceed the equilibrium limitations in a single pass. However, it has been
demonstrated that supported MgCl; is stable and history-independent,
effectively maintaining its absorption capacity even after 40 cycles of
absorption—desorption [41]. Therefore, this study did not take into ac-
count the deterioration of the sorbent material’s capacity for ammonia
absorption over multiple absorption-desorption cycles.

In this study, the Ergun equation was used to calculate the pressure
drops in both catalyst beds as well as the sorption bed, as follows:

2
_ 150uL(1 —€)” . 1.75Lp(1 — e)v2 a7

AP PR G
where y, L, €, dp, vs, and p represent the dynamic viscosity of the gas
mixture, the length of the bed, the bed void fraction, particle diameter,
superficial velocity, and the density of the flow. respectively. In this
case, the dynamic viscosity of the gaseous mixture can be calculated
using the following equation [42]:

Xili
mix = ) e (18)
g lei +255.4(50y)

where x; and y; (for i = Np, Hp, NH3) denote the mole fraction and dy-
namic viscosity of the i" component, respectively. In this case, the co-
efficient ¢; can be calculated for each pair of components as follows:
1i\0.5 (M;0.2512
[1 -+ (4)°5 (22

19
2v2(1 + 5" a2

@iy =

where M is the molar mass of each component.
3. Results and discussion

This section discusses the results obtained for modeling the AEL and
green ammonia production, as shown in Figs. 1 and 2. Furthermore, this
section provides economic analysis, which not only estimates the cost of
green ammonia production using the configuration shown in Fig. 2 but
also compares the annual electricity costs of the process with the green
Haber-Bosch process.

3.1. Performance of AEL

The variation of Faraday efficiency against current density across
temperatures (ranging from 65 °C to 95 °C) is shown in Fig. 3. The
temperature of the stack and the density of current flowing through the
cell are the two parameters that primarily influence Faraday efficiency.
Specifically, lower current densities and higher temperatures in the
stack lead to a reduction in the electrical resistance of the electrolyte,
resulting in a higher share of parasitic current losses along the gas
pipelines and consequently, a decrease in Faraday efficiency [31,43]. It
is noteworthy that the model used for Faraday efficiency appeared to
offer a more accurate representation of experimental data for current
density values exceeding 1500 A/m2[19].

Fig. 4 illustrates the variation of required voltage and power for
stacks within the module across a broad range of current densities and
temperatures. It is evident that both required voltage and power
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Fig. 4. The voltage and power of stack alkaline electrolyser.

increase with higher current densities. However, within the module,
voltage and power consumption decrease with rising temperature.
Consequently, operating stacks at higher temperatures may yield higher
efficiencies by lowering reversible and cell voltages, thus reducing
required power. Moreover, reduced cell voltage leads to decreased heat
release and lower power consumption for electrolyte cooling, as dis-
cussed later.

As shown in Fig. 5, the efficiency of the module, comprising 20
stacks, increases sharply with current density. However, after reaching a
maximum stack efficiency, it slightly decreases with further increases in
current density. In this study, an operating current density of 2000 A/m?
was selected to attain maximum efficiency for the stacks within the
module. Additionally, as previously discussed, the efficiency of the
modular system increases with stack temperature. Increasing the tem-
perature leads to a progressive reduction in the voltage per cell, owing to
the decreased energy requirement for electrolysis. This is mostly because
of enhanced reaction kinetics and the elevated electrolytic conductivity
at high temperatures [19]. In fact, despite a slight decrease in Faraday
efficiency and thus the amount of generated hydrogen with increasing
stack temperature, the decrease in power consumption within the stacks
is more pronounced. Therefore, according to Equation (10), the module
with 20 stacks demonstrates higher efficiencies at elevated
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temperatures. Although operating stacks at higher temperatures can
result in lower power consumption and increased energy efficiency, it is
necessary to take into account limitations associated with the resistance
of the materials composing the stack [19,33]. For this reason, a tem-
perature of 75 °C was selected for the stacks within the module in this
study.

Similarly, Fig. 6 illustrates the HTO and the purity of the generated
oxygen in the AEL system. As discussed in Fig. 1, the generated oxygen
undergoes purification by separating its water content using a flash.
Therefore, the purity of the oxygen is influenced by both the HTO and
the vapor pressure of water. According to Fig. 6, the HTO decreases as
the current density increases. As mentioned earlier, the HTO, which is
determined by the current density and stack temperature and pressure,
not only impacts the purity of the generated oxygen but may also lead to
safety concerns if it exceeds 4 % [35]. As shown in Fig. 6, the HTO in-
creases with the rise in the stacks’ temperature. Therefore, as depicted in
Fig. 6, the generated oxygen exhibits higher purities at higher current
densities due to lower HTO. Additionally, the purity of the generated
oxygen decreases as the stacks’ operating temperature increases, as it
intensifies the HTO. However, as shown in Fig. 6, the HTO does not
exceed 2 % even under the most unfavorable operating conditions,
ensuring the safety of the hydrogen production system.
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As previously mentioned, this study utilizes a cooling tower where
water, responsible for cooling the electrolyte, cools upon direct contact
with air. This method proves significantly more energy efficient than
cooling water using a heat exchanger, not only due to eliminating the
minimum temperature approach in the heat exchanger, but also because
of water cooling through evaporation. As shown in Fig. 7, the parasitic
power consumption for cooling the electrolyte decreases significantly
when direct water cooling is applied. It is noteworthy that power con-
sumption in both cooling systems decreases as stack temperature in-
creases. This means, operating the stacks at higher temperatures
necessitates pressurizing a lower mass flow rate of air using the blower
to cool the water and consequently the electrolyte. However, it is
observed that the rate of hydrogen production using the AEL stacks
decreases slightly by over 2 % as the stack temperature increases from
65 °C to 95 °C. This slight decrease is attributed to reduced Faraday
efficiency, leading to a small reduction in hydrogen production, as
shown in Equation (8).

Even though direct water cooling is more energy-efficient, it con-
sumes water through evaporation. Fig. 8 shows that water evaporation
within the cooling tower increases when operating the stacks at lower
temperatures. At lower operating temperatures, more air is required to
be introduced into the cooling tower to cool the water through direct
contact. It is not only due to the lower temperatures required for cooling
the electrolyte, but also the higher heat release within the stacks that
necessitates removal by the water. As a consequence, the increased
water loss through evaporation must be made up before the electrolyte
can be cooled effectively.

Fig. 9 illustrates the variation in system efficiency when considering
direct water cooling and indirect water cooling for different stack tem-
peratures while operating the AEL system at a current density of 2000 A/
m2, comparing them with the efficiency of stacks operating within the
module. The system efficiency exhibits lower values than the stacks’
efficiency due to the inclusion of power consumption by the pumps and
the blower used in system. In other words, the efficiency of the stacks
within the module, calculated using Equation (10), focuses solely on the
water-splitting reaction occurring in the stacks. As a result, it only
considers the power consumption within the stacks. In contrast, the
system efficiency, calculated using Equation (11), accounts for the
power consumption of the electrolyzer stacks, pumps, and the cooling
system, which is responsible for cooling the electrolyte through either
direct or indirect water-cooling processes. Consequently, the power
consumption within the stacks is always lower than that of the entire
system, regardless of the cooling method used, leading to higher
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efficiency for the stacks. Hence, Fig. 9 highlights how the system effi-
ciency deviates from the stack efficiency primarily due to the use of a
cooling system. According to Fig. 9, this deviation is noticeably lower
when using the direct cooling system. Nevertheless, both the stacks’
efficiency and the system efficiency increase as the temperature of the
stacks rises. Notably, the system efficiency of the AEL demonstrates a
steeper increase compared to the stacks’ efficiency, primarily attributed
to decreased power consumption in both the stacks and the cooling
system with increasing temperature. Additionally, the figure highlights
how the direct cooling system can enhance the efficiency of the AEL
system. Direct water cooling, as depicted in Fig. 9, yields a system ef-
ficiency substantially closer to the stacks’ efficiency than the indirect
cooling system. For instance, according to this figure, the direct water-
cooling system can enhance the system efficiency by 13.27 % when
operating the system at 75 °C.

3.2. Performance of the proposed green ammonia production process

To validate the obtained model results, the synthesis of ammonia
inside the reactor was simulated under the same conditions as those
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previously described in reference [28]. These results showed a good
fitting between the model predictions and the experimental data as
shown in Fig. 10.

The variation in reaction rate for ammonia synthesis across the
length of the reactor, specifically at the first, seventh, and 15th catalyst
beds was analyzed, and the results are shown in the Fig. 11. To optimize
the conversion, the inlet temperature to the catalyst layers is progres-
sively lowered from the first to the last catalyst bed. Despite the decrease
in temperature, combined with pressure drops leading to reduced re-
action rates as shown in Fig. 11, it effectively enhances conversion by
delaying the achievement of equilibrium in catalyst beds. In fact,
ammonia conversion and separation lead to a decrease in flow rate and
GHSV as one progresses from the initial to the final catalyst layer. This
trend triggers an increase in the reaction rate and hastens reaching the
equilibrium, resulting in lower conversion. Hence, it is crucial to adjust
the inlet temperature of reactants entering the catalyst layers to prevent
early equilibrium and fully utilize the potential of each catalyst layer for
ammonia conversion. This optimization enhances the overall conversion
efficiency achieved in a single pass through the reactors.

Ammonia production rate and the mole fraction of synthesized
ammonia at the outlet of the catalyst layers are displayed at Fig. 12.
Noticeably, there is a decline in the ammonia production rate as we
progress from the first to the last catalyst layers. This decrease can be
associated primarily to the reduction in the flow rates of reactants
entering the catalyst layers. Conversely, the mole fraction of synthesized
ammonia increases from the first to the last catalyst layer. This rise is
mainly due to the decrease in flow rate and GHSV of the reactants
entering the catalyst layers. Consequently, the first catalyst bed yields
the highest amount of ammonia with the lowest partial pressure,
whereas the last catalyst layer yields the lowest amount of ammonia
with the highest partial pressure.

The increase of the partial pressure of ammonia from the first to the
last catalyst layer directly influences the absorption and separation of
ammonia. Considering Equation (13), the rate of ammonia absorption
depends on the partial pressure of ammonia, resulting in an increase in
ammonia absorption rate from the first to the last sorption layer.
Furthermore, the decrease in molar flow rates of nitrogen and hydrogen
entering the sorption layers due to ammonia conversion as progeressing
from the first to the last sorption layer results in the absorption of more
ammonia to attain the equilibrium pressure. As shown by the break-
through curves depicted in Fig. 13, the molar flow rate of ammonia at
the outlet of the last sorption layer is lower. Furthermore, as previously
mentioned, the flow rate of ammonia at the outlet of the sorbent layers
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Fig. 10. Validation of the model for ammonia synthesis against experi-
mental data.
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remains relatively stable until saturation, facilitating their modeling in
Aspen Plus using a separator block. However, upon saturation of the
sorbent layers, there is a sharp increase in the molar flow rate of
ammonia.

It is noteworthy that the pressure drop within the sorption beds in-
creases over time. Thus, as illustrated in Fig. 14, the outlet pressure
gradually decreases from the first sorption layer. Initially, during the
sorption process, ammonia is absorbed and removed by the sorbent
material positioned at the beginning of the sorption layer. Consequently,
the gas flow rate and velocity passing through the sorption layer
decrease, resulting in lower pressure drops according to equation (17).
However, as ammonia is absorbed and the sorbent material becomes
saturated, a higher flow passes through the bed, leading to increased
pressure drops. Therefore, the average outlet pressure from the sorbent
layers was considered for modeling them in Aspen Plus using the
separator.

Fig. 15 discusses the regeneration of the sorbent material once it
becomes fully saturated after one hour of operation. According to
equation (16), the rate of ammonia desorption is closely linked to both
the equilibrium pressure and the partial pressure of ammonia. Conse-
quently, the sorbent material can be regenerated more rapidly at lower
pressures and higher temperatures, as the equilibrium pressure increases
with temperature. In this study, the regeneration process occurs at a
pressure of 2 bars and a temperature of 411 °C. As depicted in Fig. 15,
the sorbent material can be fully regenerated in 30 min under these
conditions. While lower pressures could be utilized to regenerate the
sorbent material at lower temperatures, a pressure of 2 bars was selected
to prevent the sweep flow of Ny and to achieve ammonia with higher
purities. In this scenario, the pressure gradient (i.e., 2 bars in the sorp-
tion container and atmospheric pressure at the outlet of the container)
facilitates the discharge of desorbed ammonia without requiring sweep
flow. Therefore, to regenerate the sorbent material, the pressure within
the sorbent container is reduced to 2 bars, followed by heating to 411 °C.
As can be seen, the flow rate of ammonia at the outlet of the container is
initially high during the desorption process, gradually decreasing as the
partial pressure of ammonia within the container increases. Ultimately,
it diminishes to zero once the sorption material is completely regener-
ated. Assuming the dead volume of the container is entirely filled with
Ny and Hy, which are uniformly discharged during the desorption
period, ammonia can be desorbed with 99.7 % purity.

This study also assesses the performance of the green Haber-Bosch
process in comparison to the proposed configuration depicted in
Fig. 2. The evaluated green Haber-Bosch process is illustrated in Fig. 16.
Notably, this study employs the same catalyst for the green Haber-Bosch
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process, consisting of two reactors operating in adiabatic mode, with an
intercooler cooling the gas mixture (state 6) down to 400 °C. The Haber
Bosch process under consideration operates at a pressure of 160 bars
with an inlet temperature of 450 °C (state 5). This process employs a
water-cooled chiller with a coefficient of performance (COP) of 3.2 to

N2+H2+NH3

Propane
NH3
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condense ammonia at —20 °C and separate it from the unreacted gases
(state 12). Table 2 indicates the characteristics of streams shown in
Fig. 16. It is worth noting that the trace amount of argon (Ar) in the
nitrogen stream (state 1) is due to impurities in the nitrogen supplied by
CASU.

Fig. 17 compares the power consumption of the process depicted in
Fig. 2 with that of green Haber Bosch process. As illustrated, the green
ammonia process not only saves power by eliminating the need for a
chiller for ammonia condensation and purification but also consumes
significantly less power for pressurizing the reactants. Consequently, the
power consumption of the proposed process is 46.2 % lower than that of
the green Haber-Bosch process. It is worth noting that this study assumes
complete heat recovery during the regeneration of sorbent material,
achieved by cooling the regenerated bed to heat up the fully saturated
one.

Hydrogen storage plays a critical role in green ammonia production.
It not only guarantees continuous ammonia production using intermit-
tent renewable energy sources but also contributes to more efficient use
of renewable electricity. In this case, when renewable energy is plenti-
ful, excess hydrogen can be produced and stored at low electricity costs,
allowing for continuous ammonia production even when renewable
energy sources are unavailable. To evaluate the impacts of hydrogen
storage on the performance of green ammonia production and highlight
its economic advantages, developing transient models is of paramount
importance. Although this study has developed steady-state models for
green ammonia production, some advantages of hydrogen storage can
still be investigated. Continuous operation of the green ammonia pro-
duction process, enabled by hydrogen storage, avoids shutdowns due to
renewable power outages and consequently prevents heat losses in the
process. When the green ammonia production process is shut down due
to renewable power outages, it is necessary to reheat the catalyst and
saturated sorbent materials. In this scenario, a large amount of heat
(105.519 MJ) must be supplied to the process after each shutdown,
which can be avoided by continuous operation using hydrogen storage.

3.3. Economic analysis

This study evaluates the initial investment costs and operating ex-
penses associated with the green ammonia production process discussed
herein. The initial investment costs for components, shown in Figs. 1 and
2, were estimated using Aspen Process Economic Analyzer (APEA) and
are given in Table 3, while the operating costs are calculated based on
the electricity spot price in Denmark, available in reference [44]. It is
worth noting that the APEA utilizes data from the flowsheet to size the
components and accurately estimate their weight both before and after
installation by considering their size and selected materials. Conse-
quently, it provides precise cost estimates for the components after
installation. Additionally, the green ammonia production facility
depicted in Figs. 1 and 2 does not run continuously all year round as it

Comp
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Fig. 16. Green Haber-Bosch process for ammonia production (Evap: Evaporator).
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Table 2
Characteristics of streams of green Haber-Bosch process shown in Fig. 16.
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Stream number in Fig. 1 Temperature (°C) Pressure (bar)

Mass flow (kg/hr)

Composition (mol%)

N, Hy NHj3 Ar Propane
1 13 1 7.39378 0.999743 0 0 0.0002566 0
2 450 160.3 7.39378 0.999743 0 0 0.0002566 0
3 17 6.4 1.596 0 1 0 0 0
4 450 160.3 1. 596 0 1 0 0 0
5 450 160 26.389147 0.235402 0.750052 0.0139085 0.000637 0
6 646.613 159.999 26.389147 0.2030154181 0.658257894 0.1380115247 0.0007151 0
7 400 159.699 26.389147 0.2030154181 0.658257894 0.1380115247 0.0007151 0
8 507.135 159.699 26.389147 0.1824685964 0.600022127 0.2167446354 0.0007646 0
9 174.9219294 159.399 26.389147 0.1824685964 0.600022127 0.2167446354 0.0007646 0
10 17 159.099 26.389147 0.1824685964 0.600022127 0.2167446354 0.0007646 0
11 —-20 158.799 26.389147 0.1824685964 0.600022127 0.2167446354 0.0007646 0
12 —-20 158.799 8.97867708 0.0013413127 0.004026786 0.99443348 0.0001984 0
13 —-20 158.799 17.4010679 0.2280866106 0.750089978 0.0209058697 0.0009175 0
14 —17.328 160.3 17.4010679 0.2280866106 0.750089978 0.0209058697 0.0009175 0
15 450 160 17.4010679 0.2280866106 0.750089978 0.0209058697 0.0009175 0
16 13.766 1.9 17.4 0 0 0 0 1
17 89.995 9 17.4 0 0 0 0 1
18 18 8.7 17.4 0 0 0 0 1
19 -22.913 2.2 17.4 0 0 0 0 1

Total power consumption (kW) _

Power consumption in the chiller (kW) '

Power consumption for pressurizing '

reactants/mineral oil (kW) _

10

Green Haber-Bosch process M Proposed green ammonia prooduction process

Fig. 17. Comparison of the power consumption of the green Haber-Bosch
process (depicted in Fig. 16 with ammonia condensation) with the proposed
green ammonia production process (outlined in Fig. 2 and based on
ammonia absorption).

Table 3

Summary of initial investment costs for ammonia production plant.
Equipment type Costs (M€)
AEL 0.19
Catalyst and sorbent material 0.00187
Reactors and containers for sorbent material 0.183
Compressors 0.242
Pumps 0.005
Heat exchangers 0.08
Distillation columns 0.17
Flash tank 0.015
Total component costs 0.887
Costs of establishing the plant 4.17

requires periodic maintenance shutdowns. Therefore, this study assumes
a yearly maintenance shutdown lasting six weeks for the facility. Spe-
cifically, the primary shutdown period spans three weeks, encompassing
the final week of January and the first two weeks of February. In addi-
tion to the main outages, the ammonia production facility experiences
short shutdowns as necessary throughout the year. These short shut-
downs usually endure for 24 hours, yet their timing remains unpre-
dictable. Consequently, in this study, three weeks of short outages were
evenly dispersed throughout the year, with the assumption that a short
outage occurs every 16 days, each lasting for 24 hours. During both the
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primary and short outages, the ammonia production plant neither gen-
erates ammonia nor consumes power. However, according to [45] in
this study, it is assumed that 2.5 % of the total initial investment costs
will be allocated for maintenance, which occurs within a six-week
period as described here. As previously mentioned, hydrogen produc-
tion via water electrolysis necessitates the use of deionized water. This
study further incorporates the cost of deionized water into the calcula-
tion of operating expenses, which does not surpass $2 per ton [46]. The
cost of the ruthenium-based catalyst used in this study was estimated at
321.04 USD per kilogram according to [47]. Additionally, this study
considers the costs of AEL stacks to be 2000 € per kilowatt [33]. Ac-
cording to reference [48], the estimated cost of one ton of MgCly is 154
€. Asillustrated in Figs. 1 and 2, alongside ammonia, the process yields a
significant amount of oxygen (with a total capacity of 110.28 tons per
year) of relatively high quality (99.85 % from CASU and 97.1 % from
AEL). Therefore, selling the generated oxygen as a by-product in the
market can generate income for the ammonia production process.
Consequently, this study assumes that the generated oxygen can yield
income at a rate of 1.3 USD/kg02 according to [49]. It is worth
mentioning that after determining the cost of the utilized components
depicted in Figs. 1 and 2, one can estimate the establishment costs of the
plant using a Lang factor, which has a value of 4.7 according to reference
[50] for fluid processing plants.

Table 4 validates the results of the economic analysis conducted by
APEA. Specifically, it compares the component costs of the CASU, and
green ammonia production units obtained by APEA with those reported
in the literature. In this comparison, Equation (20) was used to estimate
the costs of these units at the same capacity as in this study [51].

a (20)

where Cy, Cap, and Cap,, represent the capital costs of the reference
plant, the capacity of the unit operation suitable for this study, and the
capacity of the reference unit operation, respectively. These parameters
are provided in Table 4. Furthermore, p is the scaling exponent with a
value of 0.5, while « is the overall installation factor, which is equal to 1.

Fig. 18 illustrates the cost of ammonia production for the years 2021,
2022, and 2023. It is evident that selling the produced oxygen as a by-
product yields a substantial amount of income, significantly contrib-
uting to the reduction of ammonia production costs. Additionally, the
costs of deionized water do not exert a significant impact on the overall
ammonia production costs. Conversely, electricity costs and mainte-
nance costs, largely influenced by the AEL, make the highest
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Table 4
Comparison of capital costs of CASU and ammonia production unit with the available literature.
Unit Reference capacity Capacity of unit in this ~ Reference cost of the Calculated costs Estimated cost based on the cost of reference ~ Reference
(Cap,ef) study (Cap) unit (Cref) using APEA unit using Equation (20) (C)
CASU 18,000 tong;/day 308.156 kg,;./day 54.2 M$ 245,200 $ 224,258 $ (52]
Ammonia 100 kgyy, /hr 8.53 kgyy, /hr 2.243 M$ 390,300$ 371,000 $ 20
production [20]
1500
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) I I
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Direct cooling system in AEL Indirect cooling system in AEL 500 l
m Share of electricity costs (€/ton) 0 - .
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w Share of oxygen as a by-product (€/ton) 1000 ‘ ‘ ‘ ‘
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¥ Ammonia production costs (€/ton) 2000 ’ ‘ ‘ ‘
(a) Direct cooling system in AEL Indirect cooling system in AEL
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Fig. 18. Costs of green ammonia production in (a) 2021 (b)2022 (c)2023 when using direct and indirect cooling methods for cooling down the AEL.

contributions to the ammonia production expenses. Furthermore, the
chosen cooling method for the AEL notably affects the electricity costs
and, consequently, the ammonia production costs. According to Fig. 18,
opting for the direct cooling method instead of the indirect method can
lead to a reduction in ammonia production costs by 14.2 %, 11.1 %, and
18.44 % in 2021, 2022, and 2023, respectively.

Fig. 19 also compares the annual electricity costs of the proposed
configuration for ammonia production shown in Fig. 2 with the green
Haber-Bosch process discussed in Fig. 16. According to this figure, the
annual electricity costs for ammonia production decrease by 3.5 % based
on the electricity spot price due to power savings in the proposed pro-
cess. Consequently, the figure indicates that the difference in total
annual electricity costs between the green Haber-Bosch process and the
process introduced in this study is not significant. The primary reason
for this comparatively small difference is the inclusion of the AEL, which
consumes significantly more power than the ammonia production
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processes.
4. Conclusion

This study evaluated the efficiency of a decentralized green ammonia
production plant utilizing an AEL system for hydrogen production and
CASU for nitrogen production. It employed a 5 %Ru/10 %Cs/CeO;
catalyst to facilitate the conversion of reactants into ammonia. A
modular AEL system consisting of 20 stacks was employed to provide the
necessary hydrogen through water electrolysis, while a CASU supplied
the required nitrogen for the ammonia synthesis reaction. The study
investigated the effectiveness of cooling the electrolyte through direct
water cooling in a cooling tower, comparing its efficiency with indirect
cooling water in the heat exchanger. Furthermore, a novel configuration
for ammonia production was proposed, capable of exceeding single-pass
equilibrium by utilizing ammonia absorption and separation to convert



H. Asgharian et al.

200000
180000
160000
140000
120000
100000
80000
60000
40000

Total electricity costs (€/year)

20000

0

2021 2022 2023

m Green Haber-Bosch electricity costs Proposed configuration

Fig. 19. Comparison of annual electricity costs between the green Haber-Bosch
process (illustrated in Fig. 16 with ammonia condensation) and the proposed
green ammonia production process (outlined in Fig. 2 based on ammonia ab-
sorption), using electricity spot prices from 2021 to 2023.

over 90 % of fed hydrogen into ammonia in a single pass. This process
can synthesize ammonia at elevated temperatures and subsequently
separate it using MgCl, as a sorbent material at lower temperatures. This
study conducted an economic analysis on green ammonia production,
calculating both initial investment costs and operating expenses.
Furthermore, it compared the performance of the proposed configura-
tion with that of the green Haber-Bosch process. While the cost of AEL is
anticipated to decrease significantly in the future, leading to reduced
costs in green ammonia production, its large-scale application necessi-
tates substantial water usage, posing a critical challenge, particularly in
regions struggling with drought. Consequently, it is of paramount
importance to further evaluate green hydrogen production using
wastewater and biogas and to utilize these methods alongside water
electrolysis in the future. The following conclusions were drawn from
this study:

Direct water cooling to lower the electrolyte temperature can
improve the system efficiency of the AEL by 13.27 % when operating
at 75 °C and a current density of 2000 A/m?.

To achieve maximum hydrogen conversion when employing
consecutive catalyst and sorption beds, it is necessary to reduce the
reactants’ temperature to prevent early equilibrium due to the
decrease in GHSV resulting from ammonia conversion and separa-
tion, thereby utilizing the entire catalyst bed. In this scenario, the
reactants’ temperature was lowered from 437 °C to 300 °C upon
entry into both the first and the last catalyst beds.

The mole fraction and partial pressure of ammonia at the outlet of
the catalyst layers increase progressively from the first to the last
catalyst layers, thereby enhancing ammonia absorption and separa-
tion in the corresponding sorption layer. However, the rate of
ammonia production decreases as one progresses from the first to the
last catalyst layer.

This study suggests that adopting the proposed ammonia production
method can decrease the power consumption of green ammonia
production by 46.2 % compared to the green Haber-Bosch process,
resulting in an annual reduction of electricity costs by 3.5 %. This
reduction is attributed to the lower power requirements for pres-
surizing the reactants and eliminating the need for a chiller for
ammonia condensation and separation.

The results of economic analysis indicated that utilizing the direct
cooling method instead of the indirect method may result in a
reduction in ammonia production costs by 14.2 %, 11.1 %, and
18.44 % in 2021, 2022, and 2023, respectively.

It is noteworthy that scaling up the process discussed in this study
poses some challenges. In this scenario, it is essential to design the
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catalyst layers appropriately, taking into account a suitable gas hourly
space velocity to achieve a relatively high ammonia production yield
within each catalyst layer, thereby enabling the sorbent material to
effectively absorb the generated ammonia. Moreover, the capacity of the
sorbent material should be enhanced for large-scale applications.
Otherwise, a large amount of sorbent material would be required,
potentially leading to significant pressure drops, particularly when the
diameter of the sorbent bed is small. The current study did not take into
account the dynamic behavior of green ammonia production. Therefore,
it is essential to develop a dynamic model for hydrogen production using
the AEL and CASU, as well as for ammonia synthesis using the proposed
configuration. It enables the evaluation of the positive economic impacts
of hydrogen storage on green ammonia production. Utilizing hydrogen
storage vessels is crucial for meeting demand and reducing power con-
sumption during periods without renewable energy sources, ensuring
continuous green ammonia production. Additionally, future studies can
use the EnergyPLAN tool to evaluate green ammonia production at na-
tional levels and utilize its flexible demand option to further investigate
the positive economic impacts of hydrogen storage when producing
green ammonia.
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