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A comparative study on three reactor types for
methanol synthesis from syngas and CO9

Xiaoti Cui, Sgren Knudsen Kaer

Department of Energy Technology, Aalborg University, Pontoppidanstr. 111, 9220
Aalborg gst, Denmark

Abstract

In this study, a comparative study was conducted on the three reactor
types (the adiabatic, water-cooled and gas-cooled reactor) employed for the
traditional syngas to methanol (STM) process to investigate their potential
applications to the STM process with the CO,-rich feed gas or the COy hy-
drogenation to methanol (CTM) process. The temperature profiles in the
axial and radial directions particularly the hot-spot temperatures, operating
conditions and methanol yields for the reactors have been investigated using
the thermodynamic analysis, the CFD method and the pseudo-homogeneous
model. The capital costs for CTM process with the three reactor types have
also been evaluated. Compared with the traditional STM process, the STM
process with the COs-rich feed gas and CTM process exhibited reduced
hot-spot temperatures. The simulation results showed that the single-bed
adiabatic (without internal cooling) reactor and the gas-cooled reactor ex-
hibited potentials for the CTM process, where the hot-spot temperatures
the hot-spot temperatures in the reactors can be within the typical oper-
ating temperature range (e.g., 220-280°C) for the catalyst. Regarding the

comparison of the three reactor types for the CTM process, the water-cooled

Preprint submitted to Journal Name January 31, 2020



reactor showed advantages in terms of efficient heat removal, low hot-spot
temperature and wide relatively range inlet temperature for control. The
adiabatic reactor and the gas-cooled reactor demonstrated a relatively low
and medium performance, and also a relatively low and medium capital cost,
respectively, which indicates the potentials of the two reactor types in a
small-scale CTM process.

Keywords: Methanol synthesis, CO, hydrogenation to methanol,
Thermodynamic analysis, Adiabatic reactor, Water-cooled reactor,

Gas-cooled reactor

1. Introduction

The hydrogenative chemical recycling of CO4 from natural or industrial
sources has attracted significant attention in recent years as a possible route
to reducing COs emissions, where Hy can be produced by water electrolysis
with renewable energy sources [1, 2]. Particularly, it is a crucial step for the
concept of the "methanol economy” where methanol can be used as fuel and
a raw material for the products conventionally derived from fossil fuels [3].
Nowadays, the route via CO, hydrogenation to methanol (CTM) is being
discussed globally in the aspects of technology and economy [4, 5, 6, 7, 8, 9,
10, 11].

From the technology point of view, the CTM process is considered in
technology readiness levels (TRLs) 6-7 [8], which are developed based on
the mature technology of the syngas (CO is the main carbon source) to
methanol (STM) process using gas-phase catalytic fixed-bed reactors. Con-

versely, other potential methods, e.g., electrochemical and photochemical



methods [12, 13], the membrane reactor [14], and the slurry phase reactor
[15], are at the research stage. The traditional CTM process is typically
operated at pressures of 50-100 bar and temperatures of 200-300°C, and
it involves the hydrogenation of CO and CO, and reverse watergas shift

(RWGS) reactions:

COQ +3Hy +— CHgOH + HQO AHgggK = —49 kJ/mol (2)
COQ + Hy +—— CO + HQO AHQQSK =41 kJ/mol (3)

Compared with the conventional exothermic STM process, the CTM pro-
cess generates less reaction heat from the reaction (2), and the endothermic
side-reaction (3) can weaken the heat release of the process. Additionally,
water is formed as a by-product in the CTM process which has a detri-
mental effect on the conventional copper-based catalyst and results in the
deactivation of the catalyst [16]. The problem can be addressed through
a two-step process, including the RWGS process and methanol synthesis
process. Moreover, the by-product (water) formed in the RWGS process
can be removed before the latter process, which is also referred to as the
CAMERE process (carbon dioxide hydrogenation to methanol via reverse
water—gas shift) [17]. Additionally, the applications of novel membrane re-
actors and sorption-enhanced reaction processes can be a potential method
for removing the by-product (water) for a one-step CTM or CAMERE pro-
cess [18, 19, 20, 21|, which is at the laboratory level. Compared with the
CAMERE process, the one-step CTM process has a less complex system and

only requires the methanol synthesis component (typically requires one or
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two methanol synthesis reactors). The present study focused on the reactor
designs for the one-step CTM process (hereinafter referred to as the CTM
process). Nowadays, the performance of modern catalysts is being improved,
which could also increase the feasibility of the application of the CTM pro-
cess, e.g., a stability pilot-scale test of 700 h was carried out for the CTM
process using the commercial Siid-Chemie (now Clariant) catalyst in Ref.
[4]. The catalyst exhibited good activity and selectivity, and a deactivation
rate similar to that for the STM process. Bukhtiyarova et al. [22] conducted
a large laboratory-scale test using the Cu/Zn0O/Al,O3 catalyst for the CTM
process. The results of the stability test (up to 325 h) also showed a sim-
ilar deactivation rate to that reported for the STM process. Additionally,
many studies have focused on the catalyst development for the CTM pro-
cess on the research level [23, 24, 25, 26, 27]. The conventional methanol
reactors for the STM process can be used for the CTM process with proper
modifications. The traditional STM process has been employed for nearly
a hundred years [28]. Many types of commercial reactors have been devel-
oped, which are reviewed in the Ref. [29, 30, 31]. The main issues regarding
the reactor design include the removal of the reaction heat, pressure drop,
cost, and scalability [29]. The reactors can be divided into two main types
according to the method of heat removal in the catalyst beds: 1) adiabatic
reactor ; 2) isothermal (or internal cooling) reactors [28]. The first type has
comparatively simple structures with one or more adiabatic catalyst beds.
For a typical adiabatic reactor with multiple catalyst beds, gas quenching
is usually employed to lower the gas temperature after each bed, e.g., the

ARC (advanced reactor concept) quench-cooled converter from Casale [30].



The second type integrates tubes or plates for heat removal from the cat-
alyst beds, which results in more complex reactor structures and increased
capital cost. However, this type of reactor provides a highly efficient heat
transfer process and a more uniform temperature distribution in the reactor;
for instance, the Lurgi (now Air Liquide) methanol reactor is widely used in
the industry. It has a shell-tube structure, and the boiling water provided
in the shell side can efficiently remove the reaction heat released in the tube
side with the catalyst loaded. Additionally, a gas-cooled (or tube-cooled)
reactor may be added in the condition where a relatively large production
capacity is required, such as the two-step Lurgi’s mega-methanol process.
With respect to the reactor modeling for the CTM process, the selection of
the reaction types and designs under different conditions (e.g., reactor scale,
capital cost and available utilities) for both the STM and CTM processes
can be evaluated by modeling studies which have been thoroughly reviewed
by Bozzano and Manenti [30] in the aspects of reaction kinetics, mass trans-
port limitations, catalyst deactivation, steady-state, and dynamic models.
Meyer et al. [32] conducted a two-dimensional pseudo-homogeneous reactor
modeling study for the CTM process, and compared the two commonly used
kinetic models (by Graaf et al. [33] and Bussche and Froment [34]). The
results showed differences in the first half of the reactor using the two kinetic
models, which also indicated that attentions should be paid to the selection
of kinetic models for the CTM process. Samimi et al. [35] investigated the
possibility of liquid formation in the reactors at an industrial scale CTM
process at high pressures (50-300 bar). The water-cooled, gas-cooled and

double-cooled (cooled by both water and gas) reactor types were compared



in the modeling studies, and the gas-cooled reactor showed a lower possibil-
ity of liquid formation and better CO, conversion and methanol yield than
the others. Marlin et al., [10] from Carbon Recycling International (CRI),
discussed the main difference in the reactor design and distillation system
between the CTM and STM processes. Tube-cooled (or gas-cooled) reac-
tors were recommended which are more efficient than adiabatic reactors and
simpler than water-cooled reactors. Leonzio et al. [36] presented pseudo-
homogeneous reactor modeling studies on the adiabatic and water-cooled re-
actor for the CTM process; acceptable temperatures <280 °C were obtained
for the adiabatic reactor, and sensitive analysis of the global heat transfer
coefficient (300-1000 W/(m? - K)) were investigated for the water-cooled re-
actor. However, the reported modeling study regarding the reactor designs
for the CTM process at an industrial scale, or for the reactor modifications
or considerations required when changing from the STM to the CTM process
are still limited, moreover, the application of different reactor types to the
CTM process is rarely discussed. In the present study, the application of
three commonly used reactor types (adiabatic, water-cooled and gas-cooled)
to the CTM process were investigated by comparing with the conditions and
reactor designs for the traditional STM process. The main issues associated
with the thermodynamic analysis for the adiabatic reactor, radial heat trans-
fer for the water-cooled reactor and hot-spots for the three reactor types were
addressed. The performance comparison with the key performance indicators
(KPI) was also conducted among the three reactor types to investigate their
potentials in application to the CTM process or STM process with COq-rich
feed gas.



2. Modeling approach

2.1. Thermodynamic analysis

Thermodynamic analysis can provide quick evaluations for the streams in
the CTM process, such as the possible composition and temperature, after
the reaction in the methanol reactor. In this study, the Gibbs free energy min-
imization method is used to predict the thermodynamic equilibrium. For the
gas-phase reaction system in the CTM process using the Lagrange multiplier
method, the Gibbs free energy minimization for the system can be expressed
by the following equations considering each species in the gas phase and the

total system [37]:

i0i P
AGYE + RTIn? j?)“ + ) awh =0 (4)
k
N ;P
3 0 (DG + RTlnyZpé +3 auAe) =0 (5)
=1 k

with the following constraint:
Z niag = Ay, (6)

where AG(}Z is the standard Gibbs free energy for the formation of gaseous
species i; y; is the mole fraction of species i; P and P are the system pressure
and standard state pressure (1 atm), respectively; ¢; is the fugacity coefficient
of species i; n; is the mole number of species i; A is the Lagrange multiplier;
a;, is the number of atoms of the k' element in each molecule of gaseous

species i, and A, is the total atomic mass of the k" element in the feed.



The thermodynamic studies for the CTM process under isothermal have
been reported in the literature [38, 39, 40, 41, 42]. With respect to the
adiabatic conditions, the influence of the CO and COs content (SN>2) in
the feed gas have been investigated at a certain operating condition of P=
5 MPa and Tj,= 200 °C[43], however, calculations for the adiabatic condi-
tion with wide ranges of temperature and pressure are still required for the
reactor designs. In the present study, the conventional feed gas conditions
(in methanol industry) of T;,= 180-280°C, P= 30-80 bar, SN= (H; mol-
CO3 mol)/(CO mol+COy mol)= 2-10 and CO mol/(CO mol4+COy mol)=
0-1 were considered for the CTM and STM processes under the adiabatic
condition (Section 3.1), where SN value represents the relative H2 content
comparing with those of the CO and CO2 in the feed gas, the stoichometries
of reaction 2 and 3 were fufilled when SN=2. Notably, the T;, value lower
than 180 °C and higher than 280 °C were not considered, which may increase
the risk of wax condensation in the catalyst bed and catalyst deactivation by
sintering, respectively. A flow rate of 1.0 kmol/s was set for CO, (CO, de-
notes the sum flow rate of CO and COs) in the feed stream. The calculation
was conducted using the Aspen Plus software. The Gibbs reactor was used
with the same pressure as that of the feed stream and zero heat duty. The
predictive Soave-Redlich-Kwong (PSRK) model was used as the equation of
state. The adiabatic CTM process includes both the single-pass process and
the process with the recycle stream (shown in Fig. 1). The main components
in the system are Hy, HyO, CO, CO,, and methanol. Other possible byprod-
ucts for the methanol synthesis process such as DME, alcohols, and paraffin

were not considered.
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Figure 1: (a) Scheme of the CTM or STM process and (b) methanol converters.



2.2. Pseudo-homogeneous model

The one-dimensional pseudo-homogeneous model is commonly used for
the conventional STM process in a packed bed reactor, where negligible
gradients are assumed between the gas and solid phases [30]. Other as-
sumptions also include the negligible radial and axial diffusion and uniform
velocity, temperature and pressure in the radial direction [30], which are rea-
sonable for an industrial-scale methanol reactor usually with long reactor
tubes (e.g., 7 m) and a small tube diameter (e.g., 40 mm). In this study,
the pseudo-homogeneous plug-flow reactor in the ASPEN software was used
to describe the STM and CTM processes in Sections 3.2-3.4. The reaction
kinetics proposed by Bussche and Froment [34] was used to evaluate the re-
action rates under different conditions (parameters shown in Appendix A),
which assumed only the route of COs hydrogenation to methanol (reaction
(2)) and the RWGS reaction (reaction (3)). An average effectiveness factor
for the catalyst bed was used, which was evaluatd by the CFD modeling
in the following section. The heat transfer between the gas phase in the
packed-bed and the boiling water (Section 3.2) or cold feed (Section 3.3)
were evaluated by the correlations for heat transfer coefficients in the liter-
ature [44, 45, 46, 47] (Appendix C). A typical catalyst tablet of ®6x4mm
(e.g., Topsge MK-121) was used, and the pressure drop of the catalyst bed
was evaluated by the Ergun equation[32](Appendix A). The tube diameter
and length for the water-cooled or gas-cooled reactor were set to 40 mm and
3 m, respectively; a larger tube diameter of 100 mm was only considered in
Section 3.2. Various tube numbers were used to achieve a gas hourly space

velocity (GHSV) close to the typical industrial value of 10000 h! for each
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case. A total flow rate of 16 kmol/h was set for the CO, in the feed stream,
while the flow rate of Hy was set according to SN= 2. The flow rate settings
resulted in a methanol production of around 4000 ton /year, which is the
same as the production capacity of the renewable methanol plant in Iceland
[10]. The conditions with the recycle stream was considered where 99.9% of
the unconverted gas (stream S9 in Figure 1(a)) was recycled. The single-pass

methanol yield or local methanol yield in the reactor is given by

NMeOH,S4(orL) — MMeOH,S3
YMeOH = (7)
NCo,,83 + Nco,s3

where S3 and S4 are the streams at the inlet and outlet of the catalyst
bed (show in Fig. 1), respectively, and L represents a local position along

the catalyst bed.

2.3. CFD models

Pellet surface

Axis
-

Pellet
surface || |

Reactor tube

Pellet surface

(a) (b)

Figure 2: Scheme of (a) the tube cross-section and (b) catalyst tablet for the 2-D CFD

model.
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With respect to the comparisons of the radial heat transfer in the reactor
tube under different conditions, a simple two-dimensional CFD model was
used as shown in Figure 2(a). The radial heat transfers at certain cross-
sections (hot-spots) of the reactor tube were considered and described by
pseudo-heat conduction with an effective conductivity (k. ,) (Appendix C),
which is usually used to estimate the radial heat transfer for a packed bed or
monolith reactor [48]. The operating conditions of pressure and gas compo-
sition at the hot spots (A-F in Figure 6) were uniformly distributed in the
cross-section. The influence of the near-wall region was also considered by a
heat transfer coefficient (h,) (Appendix C), which may result in a tempera-
ture jump near the wall. The heat conduction in the wall was also included
with a typical thickness of 2 mm and thermal conductivity of 18 W/m - K
[49]. The temperature of T, = 250°C and relevant temperature of the cold
feed gas were set for the boiling water reactor and gas-cooled reactor, respec-
tively. The tube radius (inner radius) of R= 20-50 mm was considered to
investigate the influence of the tube size. The steady state energy equation

for the heat conduction is expressed by

V- (ke 9T) +Q =0 (8)

where the source term Q (W/m?) is the reaction heat based on the bulk

volume of the catalyst bed and is calculated by

Q = —peat(Tmecon AHyreon + rrwas OHrwas) 9)

where ry.on and g s are the reaction rates (kmol/kge,q-s) for reaction

(2) and (3), and AH peon and AHpwes are the reaction enthalpies (J/kmol)
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for reaction (2) and (3), respectively; peq: is the bulk density of the catalyst
bed (1300 kg/m?) or the density of the catalyst tablet (1950 kg/m?) for the
two models in Figure 2; ry.0n and rryyas were calculated by the user defined
functions based on the reaction kinetics (Appendix A), and the reaction
enthalpies at different temperatures are approximated by Aspen Properties
(Appendix A). The simulations were conducted using the commercial finite-
volume-based solver ANSYS FLUENT 19.0, in the parameter optimization
studies with double precision.

Additionally, a single catalyst tablet ($6x4mm) was modeled for inves-
tigating the effectiveness factor of the catalyst tablet under different condi-
tions, and a 2-D axisymmetric geometry was employed as shown in Figure
2(b). Stuidies on the evaluations of the effectiveness factor were reported
in the literatures using modified Thiele modulus [50, 30, 51]. In the present
study, the effectiveness factor was evaluated by the 2-D CFD model. The
heat conductivity in the catalyst tablet was considered with similar expres-
sion to equation 8, where the solid conductivity (k,, Appendix C) was used
instead of k.,. With respect to the diffusion of the gases in the tablet,
the bulk diffusion by Stefan-Maxwell equations and the Knudsen diffusion
were considered for estimating the intraparticle diffusion limitations, which

is expressed by the species equations [47, 52]:

—V - Ji+ S =pD; VY, + 5, =0 (10)

Diess = (2/7)(1/Diesss +1/Dix) ™ (11)

where i represents the i species; Y is the mass fraction; D; cfs.s is the
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effective diffusivity based on the Maxwell-Stefan equations (Appendix D);
D; k is the Knudsen diffusion coefficient (Appendix D); € is the porosity of
the catalyst, 7 is the tortuosity of pores in the catalyst, and the /7 ratio of
0.123 [50] was employed in this study; S; (kg/m?- s) is the source term, and
the S; values for the four independent species (COs, Hy, HoO and MeOH) for

the species equations are calculated by

Sc0, = —peat(Tmeon + TrRWGS) Mco, (12)
Sty = Peat(—3rveon — TrRwGs) M, (13)
SH,0 = peat(Tareon + TrRwas) Mu,o0 (14)

Smeor = Peat”meon Myreon (15)

where M is the molecular weight for each species. The mass fraction of

the component CO was calculated by

iYi—l (16)

The effectiveness factor of the catalyst tablet for reaction (2) or (3) was

calculated by

B E B fOV ridv
Rs fOV Tst

where R; and r; are the total reaction rate and reaction rate of reaction

(17)

(2) or (3) in the tablet, respectively, Rs and rs are the total reaction rate
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and reaction rate calculated based on the conditions on the tablet surface,
respectively, and V' is the volume of the catalyst tablet. Along the catalyst
bed with a length of L, the average effectiveness factor was calculated and

used for the pseudo-homogeneous model, which was expressed by

_ foL Rydl

flavg = i Rydl

(18)

3. Results and discussions

3.1. Adiabatic reactor

3.1.1. Single-pass process

The adiabatic reactors designed for the STM process usually comprise
multiple catalyst beds. Cooling methods such as injection of quench (cold)
gas are employed to decrease the gas temperature after each bed to avoid un-
desirable hot-spot temperatures in the catalyst bed which can result in the
catalyst deactivation by sintering. The temperature increase in each catalyst
bed is attributed to the exothermic reactions (1) and (2). For the CTM pro-
cess, however, with more involvement of reaction (2) (the main reaction) and
the endothermic reaction (3), the reaction heat released in the process is much
lower than that from the STM process, which indicates a milder temperature
increase in the catalyst bed. Figure 3(a) shows the equilibrium outlet tem-
perature (Toy) for a single-pass methanol synthesis process with different
SN values and CO contents, the Gibbs reactor in Aspen Plus is used for the
calculation. Ty is also the hot-spot temperature assuming a single-bed adia-
batic reactor was used. Relatively low outlet temperatures are achieved when

the CO content is lower in the feed gas, e.g., when CO/(CO+CO3)<0.2, Ty

15



is less than 282 °C which is close to the temperature range (220-280°C) [6]
for the conventional STM process. This also indicates the potential to use a
simple and low-cost single-bed adiabatic reactor for the CTM process assum-
ing similar catalyst stability to that in the STM process. Additionally, the
SN value is usually higher than 2 for the stream (stream S3, in Fig. 1) at the
inlet of the reactor (due to the recycling of the product stream, see Section
3.1.2), which can further decrease the outlet temperature, e.g., Ty is 275 °C
when CO/(CO+CO2)=0.2 and SN=8. The methanol (MeOH) yield for the
adiabatic condition is also presented as shown in Figure 3(b). Presumably, a
high CO content is more favorable for methanol synthesis under the similar
pressure and temperature conditions [42]. However, for the adiabatic con-
ditions, the relatively high CO content in the feed gas also results in high
outlet temperatures, which are not favorable for the exothermic methanol
synthesis reactions. Consequently, a decreasing trend of methanol yield with
increasing CO content is observed, as shown in Figure 3(b).

Compared with the STM process, the RWGS reaction exerts a higher
influence on the CTM process due to the higher COy content in the feed
gas, which can result in a retarded increase or even decrease in the tem-
perature along the reactor tube. The effect of the inlet temperature and
operating pressure (the operating pressure of the Gibbs reactor equals the
pressure of the feed gas) are also investigated as shown in Figure 4 for the
adiabatic CTM process. The outlet temperature and temperature difference
(AT =Tou-Tin) increased and decreased with the rising inlet temperature.
The latter trend is attributed to the more favorable endothermic RWGS reac-

tion at relatively high temperatures, and a negative value of AT was found
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for the condition of 30 bar, e.g., AT=—6.3°C with T;,=270°C and P=30
bar. The high operating pressures result in high outlet temperatures (or
hot-spot temperatures) due to the promoted exothermic methanol synthesis
reactions; therefore a low T}, is required for the high-pressure conditions; for
instance, for Ty, <280 °C, T;,<220°C is required for the condition of P= 80
bar, which leaves a narrow range of T},. For the conditions of P= 30 bar and
P= 50 bar T,,;<280 °C is fulfilled for most of the T}, values, which indicates
a higher operating flexibility under these conditions. The influences of the
inlet temperature and pressure on the methanol yield are also considered, as
shown in Figure 4(b). The methanol yield decreases with increasing Tj, at
different pressures, which is attributed to both the promotion of the RWGS
reaction and the depression of the methanol synthesis reactions by relatively

high temperatures and low pressures.

3.1.2. Process with the recycle stream

Similar to the conventional STM process, the CTM process requires the
recycling of the unconverted feed gas with certain recycling ratios (N, the
mole ratio of the recycled stream/feed gas) due to the low single-pass con-
version of this process. As shown in Fig. 1(a), the components of methanol
and water in stream S4 were further condensed and separated through an
ideal gas/liquid separator at a typical operating temperature of 40°C and an
assumed pressure drop of 2 bar between the separator and the reactor. A
small portion of the gas from the separator was purged to avoid the accumu-
lation of inert gases (e.g., N3) in the system; the remainder was compressed
to the operating pressure, and returned to the methanol synthesis process

as the recycle stream (stream S9); 99.9% of the unconverted gas was recy-
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cled to achieve a high methanol yield (larger than 98% in the simulations
of this study), which is required for running a methanol plant to minimize
the waste of feed gases. A higher value of this recycle factor (larger than
99.9%) has also been tried for a higher methanol yield (e.g., 99%), which
caused convergence problem for most of the simulations in this study. The
temperature of the feed stream (stream S3) at the inlet of the reactor was
set at 210°C, which is a typical inlet temperature for a industrial methanol
reactor, a higher inlet temperature can result in a higher outlet temperature
(hot-spot temperature) and a lower methanol yield as shown in Figure 4 for
the adiabatic CTM process. Moreover, there is requirement of the lower limit
for T}, by the commercial copper-based catalysts, e.g., 190 °C for the Topsge
MK-121 catalyst.

The simulations were conducted at different operating pressures (30-80
bar) to investigate the potential of the adiabatic CTM process. The simu-
lation results were shown in Table S3 (Appendix B), Compared with feed
stream S1, there are certain amounts of CO component and high Hy con-
tents in stream S3, which were influenced by the recycle stream and result
in CO/(CO+CO,) ratios of 0.21, 0.18, and 0.15 and SN values of 6.13, 8.27,
and 9.48 for the conditions of P= 30, 50, and 80 bar, respectively. The key
performance indicators were shown in Table 1, where the hot-spot temper-
ature T,.. is also the outlet temperatures for the adiabatic reactor. Due
to that the methanol synthesis reaction favors high pressure, the cases with
higher operating pressures resulted in higher one-pass methanol yields, lower
recycle ratios and higher T,,.. values. The T, values of were below or

slightly higher than the conventional upper limit of 280 °C, which indicates
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the potential of the application of a single-bed adiabatic reactor to the CTM
process.

Additionally, the potential of a single-bed adiabatic reactor to be em-
ployed for the STM process with a COy-rich feed gas (at the reactor inlet)
was also investigated. Figure 5 shows the equilibrium outlet temperature for
the adiabatic CTM and STM processes with a recycle stream at different op-
erating pressures for the reactor and different CO contents (CO/(CO+COs)
ratios) for feed stream S1. The maximum operating pressure decreased with
the increase in the CO content in stream S1. For a typical syngas CO con-
tent of CO/(CO+CO2)= 0.5, P<40 bar is required assuming T,y is less than
280 °C, which indicates a low feasibility for the application of the adiabatic

reactor at a high operating pressure (i.e., larger than 40 bar).

Table 1: Key performance indicators for the adiabatic CTM process with the recycle

stream under different pressures

P = 30bar P = 50bar P = 80bar

Thax, °C 254.9 269.5 284.3
Recycle ratio 9.5 7.2 5.7
Single-pass methanol yield 18.7% 30.7% 41.9%

3.2. Water-cooled reactor

The water-cooled reactor or boiling water reactor with a shell-tube struc-
ture is widely used for methanol production. The evaporation of the boiling
water in the shell side provides an efficient method for removing the reaction
heat from the exothermic STM process in the tube side. Additionally, the
hot-spot temperature along the reactor tube can be limited to an acceptable

value (e.g., 280°C). For the CTM process, these hot-spot temperatures are
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Figure 5: Equilibrium outlet temperature for the adiabatic CTM and STM processes with

a recycle stream; SN= 2, T;,=210°C and different operating pressures for the reactor,

and different CO contents (CO/(CO+CO,)) for feed stream S1 are employed.
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supposed to be lower due to the low intensity of the heat released compared
with that in the STM process. In this study, the condition with the recycle
stream was calculated for the CTM and STM processes with water-cooled re-
actors (Fig. 1(b)). T;,=210°C and the same conditions as those mentioned
in Section 3.1.2 for the gas/liquid separator were set. A typical tempera-
ture of 250°C was set for the boiling water in the reactor. The conditions
with high pressures of 50-80 bar were considered in this section, which have
higher outlet temperatures than the conditions with 30 bar (see Table 1), in
addition to a high potential for improvement using the water-cooled reactor.

Figure 6 shows the temperature and methanol yield along the reactor
length with different operating pressures and CO/COs ratios for feed stream
S1. The higher CO contents for the STM process results in higher methanol
yields than those for the CTM process, which indicates a higher reaction rate
for the MeOH synthesis with a higher CO content in feed stream S1 under the
investigated conditions. Significant temperature increments were observed
near the inlet, where the feed gas could be heated by both the boiling water
and the heat released by the exothermic methanol synthesis reactions. The
temperature rise also accelerated the reaction rates and generated more heat,
which was absorbed by the boiling water. Hot-spots were achieved in the
reactor when the reaction heat released was equal to the heat transfer rate
between the gas phase in the tube side and the boiling water in the shell side
of the reactor. The temperatures of the hot-spots (A-F, shown in Figure
6) are 256 °C, 263°C, 271°C, 257°C, 268°C and 280°C for the CTM and
STM processes with typical CO/COs ratios, respectively. Compared with
the STM process, the CTM process has a mild temperature distribution and
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lower hot-spot temperature in the reactor. For the STM process, the hot-
spot temperature (Tp.x) increased by 5-9°C with increasing pressures of
50-80 bar, whereas Ty increased by only 1°C for the CTM process. In
addition, the T\,., values for the CTM process are 7-23 °C lower than those
for the STM process, which can further decrease the detrimental thermal
effect (sintering of copper) on the conventional copper-based catalyst used

for the methanol synthesis process.
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Figure 6: Temperature and methanol yield along the water-cooled reactor at P=50-80

bar, Ti,=210°C and different CO/COx ratios for feed stream S1.
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Figure 7: (a) Radial temperature profile and (b) reaction heat at the cross-sections (A-F).
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Temperature gradients also exist in the radial direction in the packed-
bed reactor tube; consequently, a higher local hot-spot temperature could
be achieved at the tube center than the average temperatures calculated
by the pseudo-homogeneous model. The radial heat transfers at the cross-
sections of A-F (hot-spots in Figure 6, hereinafter referred to as A-F) were
also considered by CFD modeling to compare the center temperatures (T.)
for the STM and CTM processes, where the heat transfer rate between the
boiling water and the gas phase equals the rate of heat released in the tube
side. The required parameters for the CFD model and the calculated average
temperatures for A-F by the CFD model (T;) and pseudo-homogeneous
model (Ty) are shown in Table S4 (Appendix C), where light differences can
be found between the T; and Ty values predicted by the two methods. The
temperature profiles in the radial direction at A-F are shown in Figure 7(a).
From the outer wall (T,,=250°C) to the tube center, there are relatively
low temperature increments (7.5°C and 9.3°C for A and D, respectively)
for the CTM process, whereas noticeably high temperature increments are
achieved for the STM process, e.g., 16.7°C, 25.3°C, 22.5°C, and 36.0°C
for B, C, E, and F, respectively, which agrees with the trends in Figure
6 by the pseudo-homogeneous model. The center temperatures (T.) are
slightly higher than the average hot-spot temperatures (Tp.x) calculated
by the pseudo-homogeneous model. These temperature differences can be
neglected for the CTM process (1.5-2.3°C) but may need to be taken into
account for the STM process (3.7-6.0°C).

Additionally, compared with the mild temperature change in the bulk

packed bed, around 60% of the temperature increases were represented by
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the temperature jumps (at the wall) in the present model due to the low
h,, values (i.e., high heat resistance for the near-wall region). For the bulk
packed bed, the temperature change is large near the wall and small near
the tube center as shown in Figure 7(a), which is mainly attributed to the
lower reaction heat released near tube center. The trend of the reaction heat
in the radial direction is also shown in Figure 7(b) where the reaction heats
are intense near the wall for the STM process with a high CO content (B,
C and F), while the trends for other cross-sections were not obvious. The
trends of the reaction heat in the radial reaction is attributed to the balance
of the endothermic RWGS reaction and the exothermic methanol synthesis
reaction. In addition, the high temperature is unfavorable for the MeOH
synthesis reactions, which may decrease the distance to the equilibrium and
reaction rates. Notably, the radial mass transfer in the packed bed was not
considered in the study, which may slightly influence the trends.

With respect to the tube diameter designed for the STM process, a small
tube diameter (typically around 40 mm [53]) is usually used in the industry to
provide a sufficient heat exchanging area for the strongly exothermic STM
process and a reasonable reactor volume as well as an acceptable center
temperature in the tube. For the CTM process or STM process with COo—
rich feed gas, this diameter could be adjusted (e.g., using a larger tube) due
to the relatively low reaction heat released. Similar to the cross-sections A—C
in Figure 7, a large tube diameter of 100 mm was considered, and the radial
temperature and reaction heat for the hot-spots (cross-sections) with different
CO/CO; ratios for feed stream S1 (in Figure 1(a)) and P= 50 bar are shown

in Figure S1 (Appendix C). The trends are similar to those (cross-sections,
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A-C) in Figure 7, but show higher center temperatures. However, the T.
values are still within the conventional temperature range (220-280°C) for
the conditions of CO/CO5=0-1, which indicates that compared with the
traditional STM process the range of the tube diameter for the CTM process
or STM process with COs—rich feed gas could be expanded.

3.3. Gas-cooled reactor

The typical structure of a gas-cooled methanol reactor is shown in Figure
1(b), where the catalyst bed is in the shell side and cooled by the cold
feed in the tube side. Compared with the water-cooled reactor, the gas-
cooled reactor is less complex without the introduction of an additional water
stream. Similar to the study on the water-cooled reactor, the condition with
the recycle stream was calculated for the CTM and STM processes with gas-
cooled reactors (shown in Figure 1(a)). The T}, values of 210°C and 235°C
and the same conditions as those mentioned in Section 3.1.2 for the gas/liquid
separator were set. The outlet temperature of the cold feed (stream C2)
was set equal to that at the inlet of the catalyst bed (stream S3), and the
composition of the cold feed (stream C1) was set equal to that of stream
S3. The operating pressure of 50 bar was considered in this section. A tube
diameter of 25 mm was assumed for the tube side. The catalyst bed in the
shell side was approximated by a multi-tube structure with a tube diameter
of 58-60 mm . The tube number was adjusted to achieve a GHSV value close
to 10000 h~! for the catalyst bed.

Figure 8 shows the temperature and methanol yield in the gas-cooled
reactor for the CTM and STM processes. The trends of the temperature

in Figure 8(a) and methanol yield in Figure 8(c) are similar to those for

28



—=+— CO/CO2=0,Tin=235°C
—8— CO/CO2=1,Tin=235°C
—o— CO/C02=3,Tin=235°C

CO/C0,=3,Tin=210°C

Temperature in the catalyst bed , °C

200 T T T T T T T T T T T T T T
0 02 04 06 08 1 12 14 16 18 2 22 24 26 28 3
Reactor length, m

()

240
230 |
220
210 -
200
190
180
170

160 -
150 |+ CO/COz=0,Tn=235°C

140 |5 COICO2=1Tn=235C

—o— COICO,=3 Tn=235°C
130 1 CO/CO,=3,Tin=210°C
120 —

Temperature of the cold feed , °C

0 02 04 06 08 1 12 14 16 18 2 22 24 26 28 3
Reactor length, m

35%

30% -

N
a
X

MeCOH vyield

10% - —=+— CO/C0O2=0,Tin=235°C
—5— CO/CO2=1,Tin=235°C
5% 1 4 —o— COICO,=3,Tin=235°C

/ CO/C0O,=3,Tin=210°C
0 02 04 06 08 1 12 14 16 18 2 22 24 26 28 3
Reactor length, m

()
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the water-cooled reactor in Figure 6. Additionally, the temperature of the
cold feed is shown in Figure 8(b) where the cold feed was heated by the gas
phase in the shell side and the temperatures of stream C1 were determined
to be from 161.2°C to 203.0°C. The temperature of the tube side near the
inlet of the catalyst bed (e.g., 0-0.1m) is close to (or lower than) that in
the shell side; therefore, the temperature increase (Figure 8(c)) in this area
is mainly attributed to the exothermic reactions, which is different from the
condition for a water-gas reactor where the gas phase can also be heated by
the boiling water. Consequently, a higher T;, value could be required for
a gas-cool reactor to avoid an extremely low reaction rate near the inlet of
the catalyst bed; for instance, a Tj, value of 210°C for the CTM process
(CO/COy=0) results in a very low Ty value of less than 230°C and yyeon
of less than 15% (not shown in Figure 8). Therefore, a higher ”ignition”
temperature (Ty,) is required for the CTM process using a gas-cooled reactor.
For the STM processes, there is no "ignition” problem with T;,=210°C, i.e.,
for the condition of CO/COy=3 and T;,=210°C shown in Figure 8(a), a
hot-spot temperature of 271.8°C was achieved. Similar to the trends for
the water-cooled reactor(shown in Figure 6(a)), there is a mild temperature
distribution for the CTM process in the gas-cooled reactor and a lower hot-
spot temperature (258.2 °C) than those for the STM process (271.8-289.3 °C).
These local hot-spot temperatures in the "radial” direction of catalyst bed
are slightly higher than the T, values, which may also need to be taken
into account (Figure S2, Appendix C).
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3.4. Comparison of the three reactors types

The main difference of the three reactor types mentioned above is related
to the method of heat removal in the reactors. The main concerns include a
proper hot-spot temperature (e.g., less than 280°C), and a reasonable single-
pass methanol yield for a certain catalyst volume. The latter is determined
by the reaction rate (per volume catalyst) as well as the temperature profile
along the reactor.

For the traditional STM process with a high CO content (e.g., CO/CO,=3)
the design of a single adiabatic reactor is only feasible at low operating pres-
sures, e.g., P<30 bar. For higher operating pressures, a traditional multi-bed
or multi-reactor design with internal or external cooling is required to limit
the T.x value for the process. Compared with the adiabatic reactor, the
gas-cooled reactor can provide a way of heat removal for the catalyst bed,
however, the gas-cooled reactor need a high ”ignition” temperature at the
inlet (see section 3.3), which still results in a hot-spot temperature higher
than the conventional range, e.g., T1,.x=289.3 °C with P= 50 bar, CO/CO,=
3, and T;,=235°C (shown in Figure 8(a)). The water-cooled reactor showed
a more efficient way of heat removal and higher methanol yield than the gas-
cooled reactor by comparing the simulation results in Figure 6 with those
in Figure 8. This results agree with wide application of the water-cooled
reactor in the market for the traditional methanol production. For the STM
process with a COq-rich feed gas (CO/COy= 1), the application of the adia-
batic reactor still exhibited low feasibility as mentioned in Section 3.1.2, and
gas-cooled reactor shows feasibility at low and medium pressures, e.g., P<50

bar.
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Table 2: The key operating and design parameters for the three reactor types

50 bar Adiabatic Water-cooled Gas-cooled
Stream S1

H,, kmol/h 48 48 48

COg, kmol/h 16 16 16
Ty, °C 215 210 235
Operating Pressure, bar 50 50 50
Tube I.D., mm 40 25
Tube O.D., mm 44 29
Tube number 347 330
Reactor [.D., m 0.745 1.418 0.913
Reactor length m 3 3 3
Catalyst volume, m? 1.31 1.31 1.31
GHSV, h™! 10686 10402 10484
Heat transfer coefficient, 321.7 60.4
W/m?- K

With respect to the CTM process, all the three reactor types showed
potentials as mentioned in the above sections. The condition with the recycle
stream was calculated for the CTM processes with the three reactor types by
the pseudo-homogeneous model as shown in Figure 1(a). The Tj, values of
210-235°C and the same conditions as those mentioned in Section 3.1.2 for
the gas/liquid separator were set. The key operating and design parameters
for the three reactors were given in Table 2. The effectiveness factors for the
catalyst bed in the three reactors by the 2-D CFD model (Section 2.3) were
investigated combined with the pseudo-homogeneous model. The trends of
the effectiveness factors in the reactors under the conditions given by Table 2
were demonstrated in Figure 9(a). The water-cooled and gas-cooled reactor

show very similar trends of the ny.0nx value, while the adiabatic reactor
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exhibits a higher value in the in the middle part of the reactor (0.4-2.4
m). The average effectiveness factor for the adiabatic reactor, water-cooled
reactor and gas-cooled reactor are 0.56, 0.46, and 0.42, respectively. The
effectiveness factors of the RWGS reaction (reaction (3)) in the three reactor
types are shown in Figure 9(b). There are hyperbolic trends found for all
the three cases with large positive (> 1.0) and negative values. These trends
are due to that the direction of the RWGS reaction is reversed to the water
gas shift (WGS) reaction along the reactors, which occurs faster inside the

catalyst tablet than that on the tablet surface.

Table 3: Key performance indicators for the adiabatic CTM process with the recycle

stream and different reactors

P= 50 bar Adiabatic Water-cooled Gas-cooled
Thax, °C 264.5 256.0 258.2
Recycle ratio 8.8 8.5 8.6
Single-pass methanol yield 23.6% 25.0% 24.6%

Additionally, the key performance indicators for the three reactors in the
CTM process were presented in Table 3. The water-cooled reactor exhibited
slightly higher performance with a lower hot-spot temperature, which can be
attributed to its more efficient way of heat removal compared with the other
two reactors, e.g., a higher heat transfer coefficient of 321.7 W/m?- K (shown
in Table 2). The efficient heat removal can also beneficial for the conditions
with temperature fluctuations at the reactor inlet, where a too-low T;, can
be increased by the boiling water (e.g., 250°C) and the intensive reaction
heat caused by a too-high T}, can also be efficiently removed by the boiling
water. As shown in Table 3, the adiabatic reactor presented a lower single-

pass methanol yield and a higher recycle ratio, this trend is more obvious at
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Figure 9: The effectiveness factor of (a) reaction (2) and (b) reaction (3) at P=>50 bar,
T;,=210-235°C, and in different reactor types for the CTM process.
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a higher operating pressure of 80 bar (Table S5, Appendix E). In addition,
a higher ”ignition” temperature (T;,=215°C) is required (shown in Table 2)
for the adiabatic reactor, which indicates a narrower range for the T;, value
compared with that for the water-cooled reactor. With respect to the gas-
cooled reactor, it exhibits similar performance to that for the water-cooled
reactor (shown in Table 2) but has a smaller reactor diameter (or volume)
which is attributed to the relatively high catalyst loading in the shell side and
a smaller tube diameter (for the cold feed). The heat-couple design of the gas-
cooled reactor can also decease the load (or size) of the heat exchangers for
preheating the feed. The disadvantages of this reactor could be the possible
non-uniform distribution of the gas flow and temperature in the shell side
where a properly designed distributor is desired. Additionally, a relatively
high Ty, value (e.g., Ti,= 235°C as shown in Table 2) is required for the
reactor, which would result in a slightly increased hot-spot temperature and
a narrower range of the T;, value.

Furthermore, besides the KPIs mentioned in Table 3, the reactor cost is
also an important factor for the applications of the reactors. The capital
costs for the CTM process (Figure S3, Appendix F) with the three reactor

types were evaluated by [54]

C. = Cp(Q./Qr)" farfrfr (19)

where Cg and Qg are the base cost and base capacity, respectively, Q¢
is the design component capacity, M is the cost exponent, fy, fp and fr are
the material of construction capital cost factor, pressure correction factor

and temperature correction factor, respectively. The capital cost for the
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components of the reactors, heat exchangers, compressor and flash tanks
were calculated by equation 19.The parameter values for the calculations
can be found in Appendix F.

The capital cost estimation for CTM process with three reactors and
different operating pressures were presented in Figure 10. The differences
of the total capital cost are mainly attributed by the differences of the re-
actor capital cost, and the total values for other capital costs are around
180,000-220,000 $ for all the cases. The water-gas reactor shows the highest
reactor capital costs at the two pressures, which is attributed to its larger
tube diameter and reactor diameter (shown in Table 2). The adiabatic reac-
tor exhibits the lowest reactor cost due to its simpler structure and smaller

reactor diameter, and the gas-cooled reactor presents a medium cost level.

4. Conclusions

A comparative study was conducted on the adiabatic, water-cooled and
gas-cooled reactors for the methanol synthesis from syngas and CO, under
the conditions of Tj,= 180-280°C, P= 30-80 bar, feed gases of SN= 2-10
and CO/(CO+COy)= 0-1. The temperature profiles in the axial and radial
directions, particularly the hot-spot temperatures, operating conditions and
methanol yields for the reactors have been investigated using thermodynamic
analysis, the CFD method and the pseudo-homogeneous model. The capital
costs for CTM process with the three reactor types have also been evaluated.

Compared with the traditional STM process with a high CO content (e.g.,
CO/CO2= 3), the STM process with a COy-rich feed gas and the CTM pro-

cess exhibited reduced hot-spot temperatures from a thermodynamic point of
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view. Consequently, besides the widely used water-cooled reactor the single-
bed adiabatic (without internal cooling) reactor and the gas-cooled reactor
also exhibited potentials for the CTM process, where the hot-spot tempera-
tures in the reactors can be within the typical operating temperature range
for the catalyst. For the STM process with the COy-rich feed gas, single-bed
adiabatic (without internal cooling) reactor and the gas-cooled reactor only
showed feasibility at low or medium pressure (e.g.,P< 50 bar).

With respect to the comparison of the three reactor types for the CTM
process, all the three reactor types demonstrated similar trends of the ef-
fectiveness factor of the catalyst with approximated range 0.4-0.6 for the
methanol synthesis reaction and 0.2-0.4 for the RWGS (or WGS) reaction
under the investigated conditions. The water-cooled reactor showed advan-
tages in terms of efficient heat removal, low hot-spot temperature and wide
relatively range inlet temperature for control.

The adiabatic reactor and the gas-cooled reactor demonstrated a rela-
tively low and medium performance (hot-spot temperature, recycle ratio and
single-pass methanol yield), respectively. However, the same trends of capi-
tal cost were also found for the three reactors, which indicates the potentials
for the adiabatic reactor and gas-cooled reactor types in a small-scale CTM

process.
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Appendix A

1. The Kinetics for the methanol synthesis process

The reaction kinetics proposed by Bussche and Froment [1] was used to evaluate the reaction rates under different
conditions. The reaction rates for the methanol synthesis reaction (reaction (2) in the paper) and reverse water gas
shift (RWGS) reaction (reaction (3) in the paper) are expressed by
ky Pco2Prz — Kl_lpHZO(I:IS\/IeOH/PI-ZIZ

(1 + kcPuzo/Puz + kaPys + kyPr20)?

Pcoz — K2Pu20Pco/Pu2
“14 kcPyao/Puz + kqPds + kpPuzo

(1)

T™MeoH =

(2)

TrRwes = K

where r is reaction rate (mol/(kgcars)), ks and k. are the kinetic factors, k,, k5 and k. are the adsorption constants,

K; and K are the equilibrium constants which can be expressed by [2]

_ 3066 7059.726

Ky = 10710592477 & exp(—24.389 ) 3)
—-2073 4773.26

K, = 10°9%°* 7T ~ exp(—4.672 +—) (4)

The parameters for the equations (1) and (2) are shown in Table S1.

Table S1. Parameters for the kinetic equations.

k=A-e"T A B

k. [bar *7] 0.499 17197
ky [bar '] 6.62x107" 124119
ke[—] 3453.38 -
ka[mole/(kg-s-bar?] 1.07 36696
k. [mole/(kg-s-bar] 1.22x10'"° —94765

Based on the above kinetics, the parameters required for Aspen plus are shown in Table S2 where the units of
bar and kmol was used for the pressure, and of kmol/(kge.'s) was used for reaction rate. Similar parameters

based on the unit of Pascal were also mentioned in the literature [3].
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Table S2. The input values in Aspen plus for the kinetic equations.

ki = k-exp(—E/RT) k E

ka 0.00107,  kmol/(kgcas-bar?) —36696, kJ/kmol
ke 1.22x107, kmol/(kgcas-bar) 94765, kJ/kmol
InK;= A+B/T A; B;

In(1/K;) 24.389 —7059.726

Ink; —4.762 4773.16

nkK, —0.695149 2068.44

InKy -23.438 14928.92

InkK. 8.14711 -

2. The reaction enthalpy

The reaction enthalpies AH, (J/kmol) and AH; (J/kmol) for reaction (2) and (3) at different temperatures are

approximated by the following equations according to the calculations from Aspen Properties.
AHyooy = 3.5895 X 10*T + 4.0047 x 107 ®)

AHgpyes = 9.177 X 103T — 4.4325 x 107 (6)

3. Ergun equation
The pressure drop over the catalyst bed is given by the Ergun equation:

dP— 175+1501
dz . Re

—e 1—eppu?

hr=ars ™




Appendix B

Supporting Information

Table S3. Simulation results for the adiabatic CTM process with the recycle stream under different pressures

Stream  Stream  Stream  Stream Stream Stream Stream Stream Stream
S1 S3 S4 S1 S3 S4 S1 S3 S4
P, bar 30 30 30 50 50 50 80 80 80
T, °C 100 210 254.85 100 210 269.49 100 210 284.29
Mole flow rate, kmol/s 4 42.11 40.13 4 32.68 30.71 4 26.77 24.80
CO, kmol/s 1.1189 1.1202 0.5803 0.5812 0.3490 0.3498
COz2, kmol/s 1 4.1397  3.1521 1 2.6393 1.6514 1 2.0075 1.0206
Hz, kmol/s 3 36.4601 33.5001 3 29.2761 26.3141 3 243134  21.3543
H20, kmol/s 0.07437 1.0619 0.03628 1.0242 0.0204 1.0073
CH30H, kmol/s 0.3136 1.2998 0.1487 1.1357 0.0803 1.0664
Mole fraction
CcO 0.02657  0.02791 0.01776 ~ 0.01893 0.01304  0.01410
CO2 0.25 0.09831 0.07854 0.25 0.08076  0.05378  0.25 0.07499  0.04116
H> 0.75 0.86590 0.83470 0.75 0.89582  0.85695  0.75 0.90821 0.86112
H20 0.00177  0.02646 0.00111 0.03335 0.00076  0.04062
CH3;0H 0.00745  0.03239 0.00455  0.03699 0.00300  0.04300
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Appendix C
1. The radial Heat transfer in the fixed bed reactor (water-cooled or gas-cooled)

The radial heat transfer between the gas phase in the fixed bed and the boiling water in the shell side can be further
described by the heat transfer behavior in the following zones: (1) fixed bed; (2) near-wall region; (3) tube wall
and (4) the boiling water outside the tube (for water-cool reactor) or cold gas inside the tube (for gas-cooled

reactor). The overall heat transfer coefficient can be expressed by

U —1 8
B (l + i + l) ( )

Ug " ky kg

where U, is the overall heat transfer coefficient of the fixed bed and near-wall region, b and &, are the thickness

and thermal conductivity of the reactor tube, respectively. /is the heat transfer coefficient for the boiling water

outside the reactor tube or cold feed inside the reactor tube. For the water-cooled reactor, the heat resistance for

the boiling water outside the tube was not considered in this study due to its much higher heat transfer coefficient

than other zones [4]. The overall heat transfer coefficient U, can be evaluated by [5]
1 1 R, Bi+3

—=—
U, hy, 3k, Bi+4

)

where £, is the wall heat transfer coefficient, k., is the effective radial thermal conductivity, R; is tube radius, Bi

is tube Biot number. The calculations of k., and 4, are given by the following correlations:

(1) Fixed bed

The heat transfer in the fixed bed was evaluated by the effective radial thermal conductivity £, as the following

expression [4]:
ker K0 Pef
ke kp o Pey,

(10)

where k is effective stagnant thermal conductivity, k;is thermal conductivity of the gas phase, Pey is fluid
Peclet number for heat transfer and Pey,,. is Peclet radial heat transfer for fully developed turbulent flow. k? can

be calculated by [4]

2v1 B(1—-x™1) B—-1 B+1
kf_(l_“ e) + 1-— BK‘1 (1 — Bk—1)2 ( ) 1_Bri ' 2 ] (1)
Jog 111
B = Cy ( ) ; C¢ = 1.25 (sphere), 2.5 (cylinder)or 2.5 (1 + ) (rings) (12)
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where « is the ratio of the thermal conductivity of the solid catalyst pellet and the gas fluid k,/k;, and was

approximated by the following equation for aluminum particles [4]:

k, = 0.21+ 0.00015T (13)
The fluid Peclet number for heat transfer can in equation (2) is given by
upsc, rdy
Pel = % = RePr (14)
f

where uy is velocity of the gas phase, prand ¢, s are density and heat capacity of the gas phase, d;, is the volume-

equivalent particle diameter of the catalyst pellet, for a cylinder pellet with a height # and diameter d, the d;, can

be calculated by
dy =d 3h % 15
P (zd ( )

The Pey,, value in equation (2) can be evaluated by [4, 6]

2\ 2
Pey, =8 [2 — (1 — N) ] (16)
where N is the ratio of the tube diameter and volume-equivalent diameter, N=Dy/dy.
(2) Near-wall region

The effect of the tube wall on the radial heat transfer is considered by the wall Nusselt number Nu,, which is

given by the expressions [6]:

Nu,, = Nuy,o + (1/Nuj, + 1/Nu,,)™ ! 17)

Nuy,o = (1.3 + E)(k—g) (18)
N ks

Nu}, = 0.3Pr'/3Re®75 (19)

Nu,, = 0.054PrRe (20)

(3) Cold feed

Different from the large heat transfer coefficient 4, for the boiling water in a water-cooled reactor, the /4, value
for the cold feed in the reactor tube of a gas-cooled reactor could be much lower and should be considered. In
this study, the heat transfer coefficient is approximated by the Dittus-Boelter equation [7]:

Nus = 0.243Pr%*Re®8 (21)
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2. Parameters and results for the modeling of radial heat transfer (water-cooled reactor)

Table S4. Parameters and results for the radial heat transfer calculations in Section 3.2.
Cross-sections

A B C D E F
in Fig.6
Gas composition at the hot-spots, mole fraction
CcO 0.0271 0.0398 0.0565 0.0221 0.0318 0.0472
CO» 0.0593 0.0456 0.0353 0.0488 0.0374 0.0292
Ha 0.8609 0.8685 0.8650 0.8743 0.8794 0.8736
H,O 0.0267 0.0172 0.0108 0.0285 0.0193 0.0123
MeOH 0.0260 0.0289 0.0324 0.0263 0.0321 0.0378
Effective thermal conductivity and heat transfer coefficient
kre,® W/(mK) 6.2 6.2 6.1 6.4 6.2 6.4
By, * W/(m*K) 472.7 473.0 468.2 483.5 475.9 485.5
U, W/(m*K) 321.7 321.5 318.1 341.5 3235 330.2

Average temperature calculated by CFD (T:) and pseudo-homogeneous model (T>), °C

T, °C 256 263 269 257 267 278

T, °C 256 263 271 257 268 280

*: the thermal conductivity and wall heat transfer coefficient were calculated according to the average physical
properties at the inlet and outlet of the reactor.
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Figure S1. Radial temperature profile and reaction heat at the hot-spots for the equivalent tube with different CO/CO2 ratios
for feed stream S1; P= 50 bar and tube radius of 50 mm.

3. CFD simulations for the radial heat transfer (gas-cooled reactor)

The catalyst bed in the shell side of the gas-cooled reactor was approximated by a multi-tube structure
with an equivalent tube diameter of 58-60 mm. CFD simulations were conducted to roughly evaluated
the local hot-spot temperature in the “tube”.
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Figure S2. “Radial” temperature profile and reaction heat at the hot-spots for the equivalent tube with different CO/CO2

ratios for feed stream S1; P= 50 bar.
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Appendix D

1. The diffusion coefficients

The effective diffusivity D; s based on the Maxwell-Stefan equations is expressed by [8]

Lyt @2)
Dierrs 4Dy Y;N;
J#i

where N and Y are the mass flux and mass fraction, respectively; Dj; is the Fick’s law binary diffusion coefficient,
which is calculated by the Chapman-Enskog equation [7]. In this study, the D;ps value of was obtained from the
full multicomponent diffusion modeling in the Ansys Fluent software.

The Knudsen diffusion coefficient for the i species is calculated by [7]

Dix =971, T/M; (23)
where 7, is the mean pore radius (m) in the catalyst pellet, and a value of 10 nm [9] was employed in this study for

the methanol synthesis catalyst.
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Appendix E

Table S5. The key design parameters and performance indicators for the three reactors
Adiabatic ~ Water-cooled  Gas-cooled

Stream S1

H,, kmol/h 48 48 48

CO», , kmol/h 16 16 16
Tin, °C 215 210 235
Operating pressure, bar 80 80 80
Tube 1.D., mm 40 25
Tube O.D., mm 44 29
Tube number 308 290
Reactor, I.D. m 0.702 1.34 0.859
Reactor length, m 3 3 3
Catalyst volume, m? 1.16 1.16 1.16
GHSV, h'! 13282 10328 10311
Heat transfer coefficient, W/(m*K) 326.7 79.8
Tinax, °C 259.3 2574 261.0
Recycle ratio 10 7.61 7.60
Single-pass methanol yield 22.4% 31.7% 31.4%

10
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Appendix F

The capital cost for the CTM process with the three reactors were evaluated by [10]

Cc = CB(Qc/QB)MfoPfT (24)

where Cg and Qg are the base cost and base capacity, respectively, Qc is the design component capacity, M is the
cost exponent, fv, fp and fr are the material of construction capital cost factor, pressure correction factor and
temperature correction factor, respectively. The cooler in Figure 1(a) in the paper has been replaced by four heat
exchangers (shown in Figure S3) considering a possible case of heat integration for the CTM process. A second

flash tank (Separator 2) has also been added with a pressure of 3bar and temperature of 30°C.

515 Recycle Gas
ECYCIE s Recycle
Compressor
T, -

s3 “H

“e2 |\
'>_ Methanol Converter | S14

r|> N« \\
o 7
s1 Vil

(Feed gas) 1 = \s
s ey 816, Purge Gas
T c4 c6 i —— sas
54 ~ 513 l':
ss (]
—)I( '\}—H f\\’{‘— ;\f}—)!d ' Sepamlor 1

Light gas
C3 s12
c 5
<2b ) ‘Sepu’alol 2
Sla
511 Raw Methanol

Figure S3. Scheme of the CTM process with heat integration.

As shown in Figure S3, the hot stream S4 from the outlet of the reactor was cooled when flowing through the four
heat exchangers from H1 to H4. The temperature setting for the heat exchangers are shown in Table S6.
Temperature of stream S6 was adjusted between 120°C and 130°C to fulfill the requirement of a minimum
temperature approach of 15°C. The stream C3 is hot water with the temperature close to that of the reboiler for the
methanol distillation column, where H2 can be the reboiler. The heat exchange for S7 was simplified by H4, where
CS5 is cooling water. There could also be air cooling involved for this part. Notably, there could be several other
different heat integration cases for a real methanol plant. The heat transfer areas for the heat exchangers were

approximated by the shortcut method in Aspen Plus.

11
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The pressure drops for H1 to H4 were not calculated, while the total pressure drop from S3 to S14 was assumed
to be 2 bar, and the pressure increase by the recycle compressor is set to be 3 bar with a compressor efficiency of
0.55. The total pressure drop from S15 to S3 was assumed to be 1 bar. The volume of the steam drum for the
water-cooled reactor was evaluated by the evaporation volume of boiling water for 15 minutes. The volumes of
the flash tanks (Separator 1 and 2) were estimated by the storage of stream S9 and S11 for 5 minutes, respectively.

Table S6. The design parameters for the heat exchangers

S5 S6 S8 C3 Cs C6
Temperature, °C 160 120-130 40 99 25 70
Flow rate, kmol/h 20 470-520

The reactor weight, heat exchanger area, compression power and separator volume were calculated by the
simulations using Aspen Plus. The capital cost for the components of the reactors, heat exchangers, compressor
and flash tanks were calculated by equation (24), where the relevant parameter values are shown in Table S7,
which have been adjusted according to the values in the literature [10].

Table S7. The parameter values for the capital cost calculation.

Cu($) M Ju S Ju
Reactor 98400 0.82 1.52 1.5 1.45
Heat exchanger 32800 0.68 2.6 1.5 1.225
Compressor 98400 0.46 1 1.5 1.15
Separator (and steam drum) 3280 0.57 1 1.25 1

12
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b
Bi
Gy
d

dp

Greek letters
P
K

ur
Pr
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Wall thickness of reactor tube

Tube Bilot number, A,.R/k.,

Heat capacity

Diameter of cylinder pellet

Diameter of sphere with equal volume

Diameter of reactor tube; diffusion coefficient

Height of cylinder pellet

Heat transfer coefficient between reactor wall and boiling
water or cold feed

Wall heat transfer coefficient

Thermal conductivity, parameters in reaction rate equations
Effective radial thermal conductivity

Molecular weight

Aspect ratio; mass flux

Nusselt number in the reactor tube with cold feed (4D/k)
Wall Nusselt number (4.dp/k)

Wall Nusselt number at zero flow rate (hwodp/ky)

Wall film Nusselt number (hy, dy/ky)

Fluid mechanical Nusselt number (A, dp/ky)

Pressure

Fluid Peclet number for heat transfer (upgcy rdy/ks)
Peclet radial heat transfer for fully developed turbulent flow
Prandtl number (¢ ¢ /kf)

The mean pore radius

Radius of reactor tube

Reynolds number (uprdy /pif)

Temperature

Superficial gas velocity

Overall heat transfer coefficient of the fixed bed and near-
wall region

Overall heat transfer coefficient between the gas phase and
boiling water

Mass fraction

Porosity of catalyst bed

Ratio of thermal conductivity of solid and fluid
Gas viscosity

Gas density

Stagnant
Effective
Gas phase
Heat transfer
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p Pellet

r Radial

t Tube

w Wall
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